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Abstract 
Chemical looping combustion (CLC) is a process developed to efficiently combust 
hydrocarbon fuels and at the same time capture CO2 without an additional energy intensive 
separation unit. CLC is a two-stage process which involves supplying oxygen to the fuel 
for combustion with an oxygen carrier and the same oxygen carrier is regenerated back to 
its original state with air in a subsequent reactor, prior to recycling. CLC is potentially 
economically and financially viable, and depending on the design, a variety of products 
can be obtained. Hydrogen and syngas are two very important products useful for power 
generation and intermediates in the chemical industry. This project focuses on studying the 
CLC process, with issues related to the development of suitable oxygen carriers for 
complete fuel combustion as well as assessing their performances under different process 
conditions.  
A 500 W laboratory-scale fixed-bed reactor was designed and built, and was used to 
investigate the reaction kinetics and performance of suitable oxygen carriers. Particles 
composed of 40, 60 and 80 wt.% CuO supported on Al2O3 were prepared by co-
precipitation methods with Na2CO3 and NH4OH. Ideal pH conditions ranged between 8.5 – 
9.7 and 4.4 – 6.0 for precipitation with Na2CO3 and NH4OH respectively. X-ray diffraction 
analyses (XRD) revealed the presence of CuO and CuAl2O4, and both species were 
reducible as observed from the CO/CH4-TPR analysis. The reduction and oxidation 
kinetics were investigated in a Thermal Gravimetric Analyser (TGA) for particle sizes < 
355 μm. Reaction orders with CO, CH4 and O2 were ~ 2, 1.5 and 0.7 respectively and 
activation energies were in the order O2 > CO > CH4 at T ≤ 700 
o
C. The reaction 
mechanism for the reduction and oxidation was investigated, as well as the rate-limiting 
steps. The reactivities of the Cu-based oxygen carriers over 20 redox cycles were 
investigated in a TGA and also in a fixed-bed reactor at temperatures ≤ 800 oC. SEM 
analysis revealed no sign of sintering with the carriers prepared with Na2CO3, but sintering 
effects were observed with carriers prepared with NH4OH. Overall, the conducted 
experiments suggest that Cu-based oxygen carriers prepared by co-precipitation are 
potentially suitable for a CLC system.  
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Notations 
ai  Activity for species i [-] 
aji  Total number of atoms of element j in a mole species i [-] 
Ao  Pre-exponential factor [s
-1
] 
b  Stoichiometric coefficient [-] 
bj  Total number of moles of element j in the reaction mixture [-] 
CA  Concentration of gas A [mol m
-3
] 
CA0  Concentration of gas A at bulk conditions [mol m
-3
] 
CAs  Concentration of gas A at surface conditions [mol m
-3
] 
cp  Specific molar heat capacity [J (mol K)
-1
] 
Cs0  Concentration of solid component [mol m
-3
] 
DAB  Molecular diffusivity for gas A in B [m
2
 s
-1
] 
DeA  Effective particle diffusivity [m
2
 s
-1
] 
Di  Internal tube diameter [m or mm] 
DK  Knudsen diffusivity [m
2
 s
-1
] 
DP  Pore diffusivity [m
2
 s
-1
] 
dp  Particle diameter [m] 
dpore  Mean pore diameter [nm] 
e  Minimum wall thickness [m or mm] 
EA  Activation energy [kJ mol
-1
] 
f   Creep strength, [MPa] 
fi
θ
  Fugacity of species i at its standard state [-] 
 ̂
 
  Fugacity of species i in the gas mixture [-] 
Fp  Geometric shape factor [-] 
G  Total Gibbs free energy [kJ mol
-1
] 
Gi
θ
  Standard molar Gibbs free energy of pure species i [kJ mol
-1
] 
G̅i  Partial molar free energy of species i [kJ mol
-1
] 
Grxn  Reaction Gibbs free energy [kJ mol
-1] 
Hrxn  Reaction enthalpy [kJ mol
-1
] 
h   heat transfer coefficient [W (m
2
 K)
-1
] 
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Isum  Measured current [A] 
k  Rate constant [s
-1
] 
kg  External mass transfer rate coefficient [m s
-1
] 
ko  Overall rate constant [m
3
 (g s)
-1
] 
Kp  Equilibrium constant [-] 
ks  Chemical reaction rate constant [m
3
 (g s)
-1
] 
kv  Intrinsic volumetric rate constant [s
-1
] 
m  Avrami exponent [-] 
Mi  Relative Molecular Mass [g mol
-1
] 
moxi  Mass of fully oxidized metal [g or mg] 
mparticle  Mass of a carrier particle [g particle
-1
] 
mred  Mass of fully reduced metal [g or mg] 
mt  Theoretical/nominal mass of a fully reduced metal oxide [g or mg] 
mv  Mass per unit volume [g m
-3
] 
n  Reaction order 
NNu  Nusselt Number [-] 
NPe  Peclet Number [-] 
NPr  Prandtl Number [-] 
NRe  Reynolds number [-] 
NSc  Schmidt number [-] 
NSh  Sherwood number [-] 
ni  Number of moles of species i [mol] 
Ṅi  Molar flowrate [mol s
-1
] 
P  Power [Watts or J s
-1
] 
Pi  Partial pressure of gas i in reaction mixture [bar] 
P  Pressure [bar] 
RP  Particle radius [m] 
ROC  Oxygen ratio [-] 
 ̇
total
  Total volumetric flowrate [cm
3
 s
-1
 or mL s
-1
] 
R  Universal Gas Constant [8.314 J (mol K)
-1
 or 83.142 bar cm
3
 (mol K)
-1
] 
rc  Radius of unreacted core [m] 
rext  External rate of mass transfer [mol (g s)
-1
] 
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ro  Oxidation reaction rate [mol (g s)
-1
] 
rpore  Pore radius [nm] 
rr  Reduction reaction rate [mol (g s)
-1
] 
SBET  Specific surface area obtained from BET analysis [m
2
 g
-1
] 
Sext  External surface area of a carrier particle [m
2
 particle
-1
] 
Sm  Geometric surface area per unit mass of the oxygen carrier [m
2
 g
-1
] 
T  Reaction temperature [
o
C/K] 
T0  Temperature at bulk conditions [
o
C/K] 
Ts  Temperature at surface conditions [
o
C/K] 
t  Times [s] 
t*  Time for complete conversion [s] 
Vpore  Pore volume [cm
3
 g
-1
] 
X  Solid conversion [-] 
yi  Mole fractions of species i [-] 
z  Axial distance [-] 
Greek Letters 
α  Thermal diffusivity [m2 s-1] 
αi & βi  Fitting parameters for kinetic models  
εb  Bed porosity [-] 
εs  Particle porosity [-]  
η  Effectiveness factor [-] 
ηG  Global Effectiveness factor [-] 
θ  Time [-] 
λ  Thermal Conductivity [W (m K)-1] 
ξ  Radial distance [-] 
ρs  Particle skeletal density [g cm
-3
] 
ρE  Particle envelope density [g cm
-3
] 
ν  Kinematic viscosity [m2 s-1] 
ς  Oxygen ratio [-] 
τi  Time constant for bed, MFC and system [s] 
τp  Particle tortuosity factor ( = 2) 
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υ  Superficial gas velocity [m.s-1] 
 ̂
 
  Fugacity coefficient for species i [-] 
ΦG  Weisz Modulus [-] 
ϕ  Thiele modulus [-]  
Abbreviations  
AR  Air reactor 
BMF  Backmix Flow 
CCS  Carbon capture and storage 
CLC  Chemical looping combustion 
CLR  Chemical looping reforming 
DPF  Dispersed Plug Flow 
FBR  Fixed-bed reactor 
FR  Fuel reactor 
GHG  Greenhouse gases 
IEA  International energy agency 
IGCC  Integrated gasification combined cycle 
PF  Plug Flow 
RMM  Relative molecular mass 
RTD  Residence time distribution 
TIS  Tank-In-Series  
TGA  Thermal gravimetric analysis 
WGS  Water gas shift 
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Chapter 1 Introduction 
1.1 Background 
Climate change is currently one of the largest environmental challenges, most likely 
resulting from increased levels of greenhouse gases (GHG) in the atmosphere. Carbon 
dioxide (CO2) appears to be the most significant of the gas emissions responsible for 
enhanced global warming, other contributors being NOx, SOx and CH4. Carbon dioxide is 
released anthropogenically into the atmosphere through numerous means, but most notably 
through combustion of fossil fuels. Most of the emitted carbon dioxide is generated from 
large point sources such as large fossil fuel or biomass energy facilities, major CO2-
producing industries such as iron and steel or cement manufacture, natural gas production, 
synthetic fuel plants and fossil fuel-based hydrogen production plants. It is estimated that 
fossil fuel-based power generation contributes more than a third of the total carbon dioxide 
released from fuel combustion [1, 2].  
The Intergovernmental Panel on Climate Change (IPCC) reported that available 
technologies (e.g. IGCC with physical sorbents) can separate and capture ~ 85 – 95 % of 
CO2 processed in a capture plant. A plant equipped with an appropriate CO2 capture and 
storage (CCS) system would require ~ 10 – 40 % more energy than an equivalent plant 
without CCS owing to the energy expended on capture and compression of CO2. The net 
result is that the CCS equipped plant could reduce CO2 emissions to the atmosphere by ~ 
80 – 90 % as compared to a plant without CCS [1].  
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Figure 1.1 CO2 capture and storage from power plants [1] 
The three main options for reducing CO2 emissions from fossil fuels based energy systems 
are (i) increasing the fuel conversion efficiency (ii) switching to a fuel with a lower fossil 
carbon content (iii) capturing and storing CO2 emitted from the fossil fuel. Other CO2 
reduction options as an approach to minimize CO2 emissions are actively under 
development, and they vary from the use of renewable energy sources (biomass, solar, 
wind etc.) right up to nuclear power. The advantage of these options is that the fuels are 
free from carbon and have zero net CO2 emissions; though a full lifecycle assessment 
would be required to determine the total environmental impact of any particular generation 
technology.  
Chemical looping combustion and reforming have been seen as alternative processes for 
the combustion of fossil hydrocarbon fuels, such as coal and natural gas whilst facilitating 
easy separation of CO2. The process involves reacting hydrocarbon fuel with oxygen 
supplied from a suitable regenerable metal oxide (also known as an oxygen carrier). The 
metal oxide undergoes a change in oxidation state (redox reaction) and is re-
oxidized/regenerated in a separate step by air. The products formed are a mixture of either 
H2O/CO2 or H2/CO or H2/CO2. The advantages of this process are that CO2 is not mixed 
with the exhaust air (N2), H2 (pure or with CO2 after low temperature shift) produced can 
be used as an alternative source of energy for power generation particularly in steam 
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turbines and the CO2 can be concentrated into a pure stream suitable for sequestration and 
storage. 
The partial oxidation of hydrocarbons to produce synthesis gas (syngas) is an alternative 
process aimed at the production of H2 and at the same time capture CO2. Synthesis gas is a 
mixture of hydrogen and carbon monoxide and can be produced from methane reforming 
with steam, destructive distillation of coal or from biomass or municipal wastes. Reactions 
with additional steam convert carbon monoxide to carbon dioxide and additionally produce 
hydrogen, and carbon dioxide can subsequently be separated, thereby leaving a stream of 
pure hydrogen free from carbon dioxide. Synthesis gas on its own is combustible and is 
often used as a fuel source or as an intermediate for the production of other chemicals. 
Hydrogen is expected to become an important energy carrier for sustainable energy 
production and consumption with a reduced impact on the local and global environment.  
There are some small-scale renewable power production units (e.g. solar power) available 
in the market, but their cost is relatively high and power generated from these systems is 
highly variable, with an increased risk of power outages due to the large number of small 
generators incorporated into the power grid [3]. 
The world currently depends on the use of fossil-fuel for its energy supply and may well 
continue to do so until their complete exhaustion. Some of the alternative and renewable 
energy sources of fuel for power generation are still in the development stage and the 
technologies are commercially unavailable. In the very long term, large-scale heat and 
power production based on sustainable energy sources will have to be developed in order 
to meet energy demands concurrent with an emission free environment.  
The main barriers to the widespread application of CO2 reduction technologies are 
technical maturity, cost of implementation, overall potential, integration with existing 
plants, diffusion and transfer of the technology to developing countries and their ability to 
apply it, regulatory and environmental issues and the public perception [1]. Current 
alternative energy technologies cannot fully replace the current fossil-fuel based power 
generation capacity. Therefore, the use of effective CO2 reduction systems, incorporated 
into the existing fossil fuel-based power generation infrastructure is seen as the immediate 
solution to the concerns about release of GHGs. 
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1.2 Research aims and objectives 
A large quantity of research is currently being carried out in the area of clean fossil fuel 
combustion to help mitigate the rising levels of greenhouse gases in the atmosphere by 
facilitating separation and capture of CO2.  
The aim of this project has been to investigate some promising aspects of research related 
to chemical looping processes for clean fuel combustion; focusing on issues related to the 
development of suitable oxygen carriers and reactor design concepts. In order to achieve 
these aims, theoretical and experimental approaches have been employed to: 
 Understand and model the thermodynamics of chemical looping processes under 
different process conditions. 
 Develop novel Cu-based oxygen carriers supported on aluminium oxide (Al2O3) as 
well as the application of suitable characterisation techniques. 
 Understand the reduction and oxidation kinetics of the Cu-based oxygen carriers. 
 Assess the performance of the oxygen carriers over repeated reduction and 
oxidation cycles in a specially designed and built lab-scale fixed-bed reactor, as 
well as in a TGA.  
1.3 Thesis Outline 
This thesis is divided into nine (9) parts/chapters. Chapter 1 and 2 cover the introduction 
and literature review and include the concept and fundamentals of chemical looping 
processes as well as assessing the current development and progress on Chemical-looping 
combustion and Reforming (CLC/CLR) processes. 
Chapter 3 presents thermodynamic analysis of the combustion of methane using the 
concept of chemical looping combustion. It includes the influence of temperature, pressure 
and inlet gas composition on the equilibrium compositions, as well as conditions that 
favour carbon formation.  
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Chapter 4 presents the experimental apparatus and methods used in the successive chapters 
and includes the design of a fixed-bed reactor, modification of a Thermal Gravimetric 
Analyser (TGA) system, and set-up used for the development of oxygen carriers. 
The development and preparation of oxygen carriers are described in Chapter 5 and 
includes different characterisation techniques used for quantitative and qualitative analysis 
of the fresh and used samples.  
Chapter 6 investigates the reduction and oxidation kinetics of the oxygen carriers prepared 
in the previous chapter as well as the kinetic models used to determine possible reaction 
mechanisms. 
Chapter 7 investigates the performance of the oxygen carriers in a fixed-bed and TGA after 
alternate reduction and oxidation cycles at different process conditions.  
Chapter 8 presents the particle and reactor models used to describe the gas concentration 
profiles in the particle, as well as the mixing and flow characteristics in the reactor. 
Chapter 9 provides a set of conclusions and recommendations for possible future work.  
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Chapter 2 Literature Review 
2.1 Basis for sustainable energy 
2.1.1 Demand for energy and use of fossil fuels 
According to the International Energy Agency (IEA) [4], the global primary demand for 
energy is projected to increase by ~ 1.5% per year between 2007 and 2030 before reaching 
an overall increase of 40%. This increase in demand for energy results from a projected 
increase in population growth of ~ 1% per year and Gross Domestic Product (GDP) of ~ 
3.6% per year [4-6]. Fossil fuels remain the dominant sources of energy utilised currently 
in the World and account for ~ 77% of the overall increase in energy demand up to 2030. 
 
Figure 2.1 World energy demand by fuel projected to 2030 [6] 
Figure 2.1 shows the world energy demand projected to year 2030, with coal exhibiting the 
highest rate of growth increase of ~ 2% per year followed by gas (~ 1.8%) and oil (~ 1%). 
Energy demands have been related to increased CO2 levels in the atmosphere and a large 
part is due to various human activities, but mainly from the combustion of fossil fuels. The 
combustion of any C-containing material leads to the formation of CO2, with the fraction 
dependent on the fuel composition. A high level of CO2 as well as other greenhouse gases 
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could result in enhanced global warming with potentially devastating consequences in the 
future [4, 7].  
 
Figure 2.2 Predicted and measured atmospheric CO2 concentrations from 1980 to 2100 (black line 
at 2008) [8] 
Figure 2.2 shows the measured and predicted levels of CO2 concentrations between 1980 
and 2100 and similar trends have also been reported [1, 9]. Coal appears to be the highest 
emitter of CO2 followed by oil and natural gas. Irrespective of the fossil fuel used, the 
overall effect is still present and the consensus now is how to reduce/mitigate this rising 
CO2 concentration resulting from the combustion of fossil fuels. 
2.2 CO2 reduction strategies 
In order to reduce the emissions resulting from the combustion of fossil fuels, CO2 can be 
separated from the exhaust gas stream (preferably, for economic grounds, from a large 
point source) and captured, and then stored in a suitable geological structure. This concept 
of reducing/mitigating CO2 is termed Carbon Capture and Storage (CCS) [1, 9]. 
According to the IPCC, CCS is a process consisting of the separation of CO2 from 
industrial and energy-related sources, transportation to a storage location and long-term 
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isolation from the atmosphere. Another strategy to help reduce/mitigate CO2 emission is by 
improving fuel consumption efficiency (e.g. improved turbines, higher steam pressure and 
temperature in electric power generation), though progress in this area is relatively slow 
and the upside in terms of minimizing CO2 emissions is limited. Using fossil fuels with 
lower carbon content per unit of energy is also another way that can help reduce the 
amount of CO2 emitted (e.g. switching from coal to natural gas). Energy sources with low- 
and near zero-carbon fuels (renewable energy e.g. solar, wind, nuclear) also aid the 
reduction of CO2 emissions but are limited by technological development and either lack 
the flexibility to load-follow (nuclear) or suffer from intermittent generation (some 
renewables). 
2.2.1 CO2 separation concepts 
CO2 separation concepts from fossil fuel/power generation units are categorised into three 
basic systems: (i) post combustion, (ii) pre combustion and (iii) oxy-fuel combustion 
 
Figure 2.3 The three basic concepts for power generation with CO2 separation [3] 
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2.2.1.1 Post-combustion 
Post-combustion separation is a system which involves separating CO2 from a stream of 
exhaust gas (flue gas) consisting mainly of water, nitrogen, CO2 and other impurities (SOx, 
NOx, dust etc.). The separation process normally involves the use of sorbents or chemical 
solvents to strip CO2 out from the flue gas. The most commercially advanced methods use 
wet scrubbing with amine solutions. One advantage of this concept is the high potential to 
be integrated into an existing plant without affecting the process operations. One drawback 
to this concept is the energy requirement for CO2 desorption and solvent regeneration [10]. 
2.2.1.2 Pre-combustion 
An overly simplified description of pre-combustion separation is that it involves fossil fuel 
de-carbonisation (carbon removal) prior to combustion. The fuel in this case is first 
gasified (for solids) or partially oxidised (for gases) with insufficient oxygen for complete 
combustion (with air or steam) to produce a mixture of mainly synthesis gas (syngas) or 
fuel gas composed of carbon monoxide and hydrogen. Through the water-gas shift reaction 
(WGS) in the presence of a catalyst, the gas mixture is converted to CO2 and H2 after 
which CO2 can be separated using physical or chemical adsorption processes. A stream of 
H2-rich fuel gas can be used in many applications ranging from gas turbines to fuel cells 
for power generation, and also in many industrial applications e.g. methanol production. 
One potential limitation, particularly when using solid fuels, is the large capital cost 
associated with the gasifier to ensure large volumes of synthesis gas can be produced [1]. 
2.2.1.3 Oxy-fuel combustion 
Oxy-fuel combustion involves burning a fuel in a mixture of O2 and recycled CO2 (to 
moderate the flame temperature), and the resulting flue gas is mainly CO2 and steam (H2O) 
which is easily separated by condensation. The main issue associated with this concept is 
the costly and energy intensive oxygen separation. Oxygen for this process is typically 
produced by low-temperature cryogenic air separation [1, 3, 11]. For applications of solid 
fuels, oxides of nitrogen and sulphur, and other pollutants must be removed before and or 
during the CO2 compression process.  
31 
 
2.2.2 CO2 separation technologies 
CO2 separation concepts use many well-developed technologies for gas separation 
processes, some of which have been practiced for long periods in the chemical and 
petrochemical industries. A number of these technologies are based on physical or 
chemical separation of CO2 and they include process like absorption, adsorption and 
membrane separation [12]. 
2.2.2.1 Separation using sorbents/solvent 
CO2 separation is achieved by passing the flue gas over a liquid absorbent or solid sorbent. 
The flue gas and the sorbent have to be in intimate contact for separation to take place. 
After the sorbent is loaded with the captured CO2, in a continuous process it is transported 
to a different vessel, where it releases the CO2 by changing the process conditions 
(regeneration). The resulting sorbent is sent back to the flue gas stream to capture more 
CO2 which begins a new cycle. The sorbent loses activity over time and a make-up flow of 
fresh sorbent is added to compensate for the natural decay losses. A general scheme of the 
process is shown below. 
CO2 capture Sorbent regeneration
Energy
Gas with 
CO2
Sorbent
Spent 
sorbent
Sorbent 
make-up
CO2
Sorbent + 
CO2
CO2 -free 
exhaust gas
 
Figure 2.4 Separation with sorbents/solvents [1] 
The general scheme for this separation governs many of the CO2 capture systems and 
forms the basis for Ca-looping and amine scrubbing. There are emerging processes based 
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on the use of new liquid sorbents and new solid regenerable sorbents being developed with 
the aim of overcoming the limitations of the existing systems [10]. The main problem with 
this type of system is that the sorbent has to remove CO2 from the massive flow of exhaust 
gases being processed in the power plant. There is therefore an added cost for the energy 
required, and a consequently huge reduction in the plant efficiency, as well as increased 
capital cost due to additional plant. Also, the purchase and disposal cost of the solvent is 
another problem. An ideal system would have good sorbent performance, with high CO2 
capture for a high number of cycles. 
2.2.2.2 Separation with membranes 
Membranes are specially designed materials that allow the permeation of a specific fluid 
component. They are commonly used for the separation of liquids or gases. The selectivity 
and rate of permeation of the desired product are the most important characteristics of a 
membrane. Membrane separation is driven by pressure difference across the membrane 
and is most suitable for separation where a high pressure stream has been produced. The 
most common membrane supports are made from polymeric, metallic, or ceramic materials 
and can be applied to CO2 capture systems to preferentially separate H2 from a fuel gas 
stream, CO2 from an exhaust gas stream or O2 from air. 
Gas A
Gas
 (A + B)
Gas B
Membrane
 
Figure 2.5 Separation using membranes [1] 
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Membrane separation is commercially available and currently used to separate different 
components in gas streams, but only on a small/R&D scale. Application on a large scale is 
under development and is aimed at the manufacture of more suitable membrane materials 
capable of coping with the huge flow of CO2 being processed [13, 14]. 
2.2.2.3 Separation by distillation of a liquefied/refrigerated gas stream 
This technology involves liquefying a gas by passing through a series of compression, 
cooling and expansion stages. Once in liquid form, the gas is separated in a distillation 
column into different constituent components, similar to the distillation of petroleum. This 
technology is applicable to the separation of oxygen from air, and the oxygen is used in a 
range of CCS systems, particularly oxy-fuel combustion and pre-combustion capture. 
Refrigerated separation can be used to separate impurities from a pure gas stream. CO2 can 
be separated from other gases or impurities using this method (due to variations in their 
boiling points), particularly when combusting natural gas where a fraction of the exhaust 
gas could be unreacted methane or carbon monoxide [1]. 
Power
Gas 
(A + B)
Gas A
Gas B
D
is
ti
ll
at
io
n
 
co
lu
m
n
 
Figure 2.6 Separation by cryogenic distillation [1] 
2.2.3 CO2 transportation 
After CO2 has been separated and concentrated from a flue gas stream, it has to be 
transported to a suitable site for either storage or reuse. Since CO2 is captured as a gas, its 
transport generally needs it to be compressed/cooled to a pressure above 8 MPa and 
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temperature above 31.1 
o
C, where it is either a liquid or a supercritical fluid. At these 
conditions, the density is increased and two-phase flow can be avoided. The majority of 
transportation of CO2 will involve the use of dedicated pipelines, which is generally the 
cheapest method of transporting large volumes for long distances, and with the most 
established commercial technology. With these pipelines, the CO2 can be transported to oil 
production fields, where it can be injected into depleted oil fields to enhance oil 
production. This process is known as Enhanced Oil Recovery or EOR and it has been 
practiced on a commercial basis for the last 35 years; it is by far the most popular use of 
CO2. To avoid corrosion, the CO2 has to be of high purity, with low allowed concentrations 
of hydrogen sulphide (H2S) and water. Tankers also have a potential role for the 
transportation of CO2, particularly for smaller projects. CO2 can also be transported by 
ship, road and rail tankers and have to be insulated to avoid any form of heat exchange and 
leakage. There are risks associated with CO2 transportation, since CO2 is toxic at high 
concentrations, a problem exacerbated by the density difference with air, meaning that it 
has the potential to collect in low areas. This can be easily mitigated with appropriate 
design and monitoring and careful location. Compared with methane transportation using 
pipelines, there is no risk of explosion in the event of an accident (pipeline rupture or 
leakage) [8, 15, 16].  
2.2.4 CO2 storage 
For climate-change mitigation purposes, CO2 has to be stored for a long period of time. 
Various options have been discussed for the intermediate and permanent storage of CO2 [8, 
11, 17-20]. These include liquid storage in deep geological formations, deep ocean basins, 
and solid storage in the form of mineral carbonates.  
Geological storage (also known as geo-sequestration) involves injecting supercritical CO2 
directly into underground geological formations. Oil fields, depleted gas fields, saline 
formations, deep (unminable) coal seams, and saline-filled basalt formations are all 
examples of geological storage sites and some are currently in use (e.g. the Weyburn and 
Sleipner projects) [18]. This storage mechanism is made possible due to the highly 
impermeable caprock and a geochemical trapping mechanism within these formations that 
prevents CO2 from escaping to the surface. Geological formations are currently considered 
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the most promising sites and they could have a storage capacity up to 2000 Gt CO2. There 
are some factors to consider when storing CO2 in geological formations. These include: the 
depth of injection and density, CO2 flow and transport processes, storage mechanism, 
reservoir heterogeneity, the presence of impurities and the duration of storage. According 
to the IPCC estimate, a well-selected, designed and managed geological site could trap 
CO2 for millions of years. The sites are likely to retain 99% of the injected CO2 over 
thousands of years due to their highly stable nature [1]. 
Ocean storage is another proposed form of carbon storage, though with substantially fewer 
adherents. One concept of ocean storage is by the dissolution of CO2 into water column at 
depths of 1000 m or more with the use of a ship or pipeline. It is assumed that the 
conditions at that depth allow mixing of CO2 and seawater. Another method is by directly 
depositing CO2 onto the sea floor at depths greater than 3000 m. The absolute pressure at 
that depth is large enough to form liquid CO2 having a higher density than seawater and it 
is expected to form a lake on the ocean floor that would delay dissolution of CO2 into the 
environment. Storing CO2 in solid clathrate hydrates which already exist in ocean floor 
environment is another concept. The concept of ocean storage is poorly understood and 
could have severe implications deep within the ocean basins. There could be a problem of 
ocean acidification as a result of excess CO2 reacting with water to form carbonic acid, 
H2CO3. High concentrations of CO2 would also affect ocean organisms and the excess CO2 
in the ocean may eventually equilibrate with the atmosphere. This form of CO2 storage 
would not be a permanent solution to the current problem although the time estimated for 
water in deep oceans to circulate to the surface is in the order of 1600 years depending 
upon currents and other varying conditions. It is therefore most unlikely that ocean storage 
will be taken up, and is currently banned by international treaty [1, 19].  
Mineral storage is the process of reacting naturally occurring magnesium and calcium 
containing minerals with CO2 to form carbonates. This process has many unique 
advantages most notably the fact that carbonates have a lower energy state than CO2. The 
formation of carbonates is thermodynamically favourable and it occurs naturally as 
observed in the weathering of rocks over geological time periods. Magnesium and calcium 
containing minerals are abundant in the earth’s crust and the carbonates are very stable and 
the re-release of CO2 into the atmosphere is not an issue. An issue of concern is the 
reaction rates and also the fact that vast quantities of rock would have to be quarried. 
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Increasing the reaction temperature or pressure, or by pre-treatment of the minerals can 
increase the reaction rates, but the method would require additional energy requirements. 
2.2.5 CO2 reuse 
As mentioned earlier, one of the most popular uses of CO2 is for Enhanced Oil Recovery or 
EOR. The process involves flooding CO2 into a depleted oil field to extend oil production 
[1, 15, 18, 19]. There are also some industrial uses of CO2 in the areas of food production, 
fire fighting equipment, in fish farms, in agricultural greenhouses, rubber/plastic 
processing and as a supercritical solvent. CO2 can also be used in the chemical industry to 
produce methanol and hydrocarbons. However, the volume of CO2 which is used in all 
these applications with the exception of enhanced oil recovery is so small that it is dwarfed 
by the global emissions of CO2 from electricity production or other fossil fuel combustion 
processes.  
2.2.6 Examples of large-scale CO2 reduction projects 
There are eight main industrial-scale CO2 capture and storage projects currently in 
operation [21]. The first and the oldest is Sleipner, and it is located in the North Sea. 
Commencing operation in 1996, the project strips carbon dioxide from natural gas using 
amine solvents and disposes of it in a deep saline aquifer. The process is currently being 
used by Norway’s StatoilHydro and has stored about one million tonnes of CO2 a year. 
The second project is in the Snøhvit gas field in the Barents Sea and stores 700,000 tonnes 
of CO2 per year.  
The third, The Weyburn Project, is currently the largest CCS project and is located in 
Weyburn, southeastern Saskatchewan, Canada. The project started operation in 2000 and 
captures CO2 from the Great Plains Coal Gasification Plant in Beulah, North Dakota. The 
CO2 captured is used for Enhanced Oil Recovery (EOR). In 2004, a sub project was 
completed, which demonstrated that CO2 can be stored underground safely and over a long 
period of time.  
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The fourth project is a natural gas reservoir located at In Salah, Algeria. The remaining 
four, all located in USA, include the ExxonMobil’s Shute Creek gas processing facility in 
Wyoming, Enid Fertilizer in Oklahoma, Val Verde Natural Gas Plant, and the Century 
Plant both in Texas. 
There are also a number of smaller projects currently on-going to capture and store CO2. 
The Alberta Saline Aquifer Project (ASAP) is a consortium of 34 companies that are 
developing a pilot site for commercial scale CCS in a saline aquifer. ICO2N (Integrated 
CO2 Network) is another proposed project for the capture, transport and storage of CO2. 
[22-24]. 
Currently, there are some projects that are implementing the CCS process on side streams 
from existing power plants. An example is located in Luminant’s pilot plant at its Big 
Brown Steam Electric Station in Fairfield, Texas [25]. Their system converts carbon from 
smokestacks into baking powder, thus avoiding problems of storing liquid CO2, though 
questions remain as to how much baking powder it is feasible to sell, and the energy 
required for the production processes for the precursors. In the Netherlands, a 68MW 
oxyfuel plant (Zero Emission Power Plant) was planned and was expected to commence 
operation in 2009, but the project was cancelled [26].  
The world’s first CCS coal plant is located in the German area of Schwarze Pumpe. This 
CCS pilot plant with a capacity of 30 MW is operated on an Alstom-built oxy-fuel boiler 
equipped with a flue gas cleaning facility to remove fly ash and SO2. In Australia, the 
Federal Resource and Energy Department has opened the first geo-sequestration project 
(CO2CRC, Otway Project). It is aimed to store 100,000 tonnes of CO2 extracted from a gas 
well, but the plant does not propose to capture CO2 from coal fired power generation [10, 
18, 21, 27]. 
2.3 Research focus area 
This research project has focused on the principle of CO2 separation using sorbents, but 
aimed at a cleaner and more efficient combustion (either partial or complete oxidation) 
process for fuel gases (natural gas or CO from syngas), using regenerable sorbents (oxygen 
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carriers). The main advantage of this process is that the oxygen for combustion is supplied 
by the oxygen carrier thereby avoiding post-gas separation as compared to combustion in 
air (O2 + N2 + other gases). This concept can be applied as an end-of-pipe or pre-separation 
technology that can be retrofitted to an existing process to aid the reduction of CO2 
emissions resulting from the combustion of fossil fuels mainly because the products are 
CO2 and steam (H2O) which can be easily condensed out. 
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Figure 2.7 Research focus area 
Chemical-looping combustion (CLC) was initially proposed by Richter and Knoche [28] 
and developed further by Ishida et al [29]. Their objective was to increase the thermal 
efficiency of power generation stations by using the exothermic oxidation reaction. A 
benefit of this concept is that it has the potential to facilitate CO2 separation with minimal 
energy losses [30]. This process uses a similar principle to that shown in Figure 2.4, and it 
involves combustion of the fuel to give CO2 and H2O(g) in the first vessel containing the 
oxygen carriers (fuel reactor - FR) and transportation of the used oxygen carrier to a 
second vessel (air reactor - AR) where it is regenerated or re-oxidized with oxygen in air 
and recycled. Depending on the fuel type and products formed, the separation process can 
be enhanced by controlling the combustion parameters (e.g. pressure, temperature and gas 
concentration). 
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2.4 Chemical looping combustion (CLC) 
2.4.1 Process fundamentals 
Chemical-looping is a two-step process for combusting a hydrocarbon. The combustion 
process is based on the transfer of oxygen from air to the fuel by means of a solid 
intermediate (oxygen carrier in the form of a metal oxide - MeO). In the first step, the fuel 
reacts with the metal oxide, which is reduced to a lower oxidation state (Me), whilst the 
fuel is converted to CO2 and H2O (steam). Steam can be easily condensed leaving a pure 
stream of CO2 which can be sequestrated or used for other applications. This is the main 
advantage of the process in relation to other CO2 separation technologies because it 
eliminates the need for any additional costly equipment and energy requirement for gas 
separation [1, 30, 31]. A generalised description of the reaction oxidising a hydrocarbon is:  
(2n   m)MeO  CnH2m  (2n   m)Me  mH2O  nCO2 R2.1 
The metal (Me) is further oxidised by oxygen from air in  
Me  O2  MeO R2.2 
so that a new cycle of reduction and oxidation of the metal can begin. Depending on the 
fuel type and oxygen carrier used, most reduction reactions are often endothermic while 
the oxidation reactions are mostly exothermic. This makes the overall amount of heat 
released from this process equivalent to the heat released if combustion were carried out in 
air [31, 32]. 
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Figure 2.8 General schematic representation of a CLC process (AR - air reactor, FR - fuel reactor) 
2.4.2 CLC reactor concepts 
Chemical-looping combustion processes can be achieved in different reactor types and 
configurations depending on factors such as location, accessibility and nature of fuel. The 
most common are dual (two) interconnected fluidised-bed reactors [30, 31, 33-37], where 
the oxygen carriers are transported from the fuel to air reactor and vice versa. One problem 
associated with this design concept is that the oxygen carrier circulation under fluidising 
conditions could lead to decreased performance due to attrition. Others are the need for 
gas-solid separation, inability to operate at high pressures and large space requirement due 
to the large volumetric requirements for fluidised-bed operations. In order to eliminate 
some of these issues, packed/fixed-bed reactor concepts have been proposed [30, 38-40]. 
Rather than transportation of the oxygen carriers, the gases are intermittently switched 
between fuel and oxidising gas. Using the packed-bed reactor concept intrinsically 
eliminates the need for gas-solid separation and decrease in performance due to breakage 
during circulation. However, heat transfer problems could arise due to the nature of the 
packing and it was suggested that short bursts of mild fluidisation could help mitigate this 
problem [39, 40]. Another factor which must be taken into account is the gas switching 
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mechanism because it is a crucial element needed to eliminate mixing of the fuel and 
oxidising gas.  
A new type of concept known as the rotating bed reactor was proposed by Dahl et al [41] 
in which the oxygen carriers are placed on a circular shaped fixed-bed with different 
compartments/sectors for each individual gas. The major challenge with this set-up was 
mixing between fuel and air caused by insufficient sealing between moving parts [41]. 
Figure 2.9 shows the illustrations of the different reactor concepts applicable for chemical 
looping combustion processes.  
 
Figure 2.9 Reactor concepts for chemical-looping combustion (a) interconnected fluidised bed 
reactor [42] (b) alternating gas-flow fixed-bed reactor [40] (c) rotating bed reactor [41] 
2.4.3 Chemical looping reforming (CLR) 
Chemical-looping reforming is a process that utilises the concept of chemical-looping 
combustion, but the main difference is the partial combustion of the fuel to give synthesis 
gas - a mixture of H2 and CO. In order for these products to be obtained, the fuel/oxygen 
ratio is kept low to prevent complete oxidation to CO2 and H2O. The main advantage of 
this process is that the oxygen source is undiluted by nitrogen as compared to conventional 
reforming operations [43-45]. Hydrogen, H2, is a fuel, for which the combustion product is 
only H2O. The basic principle of a CLR process is illustrated below. 
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Figure 2.10 Schematic description of chemical-looping reforming (CLR) adapted from Ryden et al 
[46] 
In order to achieve a pure stream of H2, a second low-temperature reactor (water-gas shift 
WGS reactor) would be needed to convert CO to CO2 and a product purification unit in the 
form of a pressure swing adsorption (PSA) unit. This PSA adsorbs all impurities from the 
gas stream, leaving a pure stream of H2. The addition of steam and CO2 to the process 
enhances the generation of rich synthesis gas [45, 47]. The fuel reactor in Figure 2.10 is 
now referred to as the reformer reactor where the fuels are partially oxidised. The oxygen 
carrier is transported to the air reactor for re-oxidation and a new cycle begins. The 
generalised reaction scheme for the reforming reaction is given by Reaction R2.3 and the 
oxidation remains the same given by Reaction R2.2. The reactions with CO2 and H2O are 
given by Reactions R2.4 and R2.5, whilst the water-gas shift reaction is given by reaction 
R2.6. 
CnH2m   (n)MeO  (n)CO  mH2  (n)Me R2.3 
CH4   CO2  2CO  2H2 
∆G900 oC
θ
 =   71.512 k  mol 1, ∆H900 oC
θ
 = 259.68 k  mol
 1
 
R2.4 
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CH4  H2O  CO  3H2 
∆G900 oC
θ     70.567 k  mol 1, ∆H900 oC
θ   226.53 k  mol 1 
R2.5 
CO  H2O  CO2  H2 
∆G900 oC
θ     2.945 k  mol 1, ∆H900 oC
θ    33.15 k  mol 1 
R2.6 
Due to the strongly endothermic natures of Reactions R2.4 and R2.5, the amount of CO2 
and H2O added is limited in order to avoid an extra energy requirement for heating. The 
reaction of methane and CO2, also known as dry reforming, could serve as a potential 
utilisation route for CO2. The utilisation of CO2 through the reverse water-gas shift 
reaction (RWGS) to CO and H2O has also been mentioned and H2O produced reacts with 
CH4 to form more CO and H2 during the dry reforming operations. One disadvantage of 
using CO2 is the formation of carbon deposits, which could limit the performance of the 
oxygen carriers, thereby defeating the objective of the CLC/CLR process particularly 
during the oxidation step [45, 48].  
2.4.4 Application of CLC to solid fuels 
Chemical-looping combustion processes have also been applied to the combustion of solid 
fuels (e.g. coal). Because the demand for coal in the future will remain high, cleaner and 
more efficient processes will have to be adopted to counteract the rising levels of CO2 
emissions resulting from its usage. The reactor design concept for solid fuels will depend 
on the method of conversion as well as the selection of suitable oxygen carrier material. 
There are two approaches which have been considered for use with CLC concept, indirect 
and direct [42, 49]. The indirect approach involves, for the case of coal, gasification with 
oxygen to form syngas and subsequently introduce the gas mixture into the fuel reactor 
(e.g. the work of Wang and Anthony [50] and Jin and Ishida [51]). In the direct approach, 
the solid fuel is fed to the fuel reactor where it could either be gasified in-situ with H2O or 
CO2 (iG-CLC e.g. Cao and Pan [52]) or combusted with oxygen released from the oxygen 
carrier (CLOU e.g. Mattisson et al [53], Gayan et al [54]).  
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Figure 2.11 Schematic layout of different design concepts for the combustion of solid fuels (a) 
indirect (b) direct [42] 
 
Figure 2.12 Main reaction mechanism for solid fuel processing in a CLC system [42] 
2.4.5 Carbon formation 
Carbon deposits on the surface of the oxygen carriers could occur as a side reaction 
parallel to the main reaction in a CLC/CLR combustion process. Carbon deposition on the 
oxygen carriers reduces the efficiency of the looping process and could also lead to 
deactivation of the oxygen carriers. The two most common possible reactions leading to 
carbon formation are pyrolysis or decomposition (Reaction R2.7) and the Boudouard 
reactions (Reaction R2.8).  
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CH4  C  2H2 
∆G900 oC
θ     39.021 k  mol 1, ∆H900 oC
θ   91.417 k  mol 1 
R2.7 
2CO  C   CO2 
∆G900 oC
θ    34.513 k  mol 1, ∆H900 oC
θ    169.587 k  mol 1 
R2.8 
The pyrolysis reaction in R2.7 is an endothermic reaction and is thermodynamically 
favourable at high temperature. The Boudouard reaction in R2.8 is exothermic and 
thermodynamically favourable at lower temperatures. The rate of carbon formation can 
depend on the type of fuel and fuel/oxygen ratio, type of oxygen carrier, inert material 
present at a particular time, process temperature and pressure. Oxygen carriers made from 
transition metals such as Ni and Fe have been observed to enhance carbon formation due to 
their catalytic abilities [32, 42]. It has been reported by Ryu et al [55] that carbon 
formation could also be minimised by increasing the oxygen content either by the addition 
of steam or decreasing the amount of fuel with respect to the oxygen carrier supplied. 
Operating in the regime of complete fuel conversion also reduced the formation of carbon, 
as observed by Ryu et al [55]. It is important to understand the mechanism leading to 
carbon formation and to investigate the optimum operation conditions required for a 
particular process in order to minimise or avoid the formation of carbon [32, 55-57].  
2.4.6 Oxygen carriers 
The selection of the oxygen carriers is considered as one of the most vital parts of the CLC 
process. The performance of the CLC process depends on the type of oxygen carrier 
chosen. The vital and most critical property of any suitable oxygen carrier is its reactivity 
i.e. ability to transfer oxygen to the fuel and accept oxygen from air. The most generally 
accepted characteristics in addition to the reactivity include [32, 42]: 
 Sufficient oxygen transport capacity 
 Favourable thermodynamics with regards to complete fuel conversion 
 High stability under repeated reduction and oxidation cycles 
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 High resistance to agglomeration and sintering 
 Exhibit good fluidization properties as well as good mechanical stability 
 Low cost and economical feasible 
 Environmentally benign 
Different materials have been proposed, developed and investigated as suitable oxygen 
carriers for CLC operations. Oxides of transition metals, such as Ni, Mn, Fe, Co and Cu 
[30, 31, 58] are the most widely suggested candidates, but some are limited by their 
respective oxidation states. The pure metal oxides on their own do not exhibit some of the 
characteristics mentioned above and the reaction rates decrease after a few reduction and 
oxidation cycles (e.g. the work of de Diego et al and Ishida and Jin [59, 60]). These metal 
oxides are typically supported on one of several inert materials, which could enhance some 
properties such as porosity, number of reactive sites and total specific surface area. The 
support may also act as a binder, which increases the mechanical strength and attrition 
resistance particularly during fluidisation operations. Suitable materials which can act as 
inert support include alumina (Al2O3), silicon dioxide (SiO2), titanium oxide (TiO2), 
zirconium oxide (ZrO2) and yttria stabilized zirconia (YSZ). 
The method of supporting the active metal oxide on the inert materials will strongly 
influence the properties of the oxygen carriers. The interaction between the inert and active 
metal oxide can also affect the performance of the oxygen carriers. In the case of supported 
oxygen carriers, the carrying capacity is potentially a strong function of the metal-support 
loading and the stability over repeated cycles [58]. Owing to the interaction between the 
metal oxide and the inert materials, the oxygen carriers may be reduced to different states 
depending on the degree of interaction. For a given oxygen carrier, the oxygen carrying 
capacity is expressed as a mass-based ratio known as the oxygen ratio or Roc, and is given 
by (moxi – mred)/moxi. moxi and mred are the masses of the oxidised and reduced oxygen 
carriers respectively. The oxygen ratios for different metal unsupported oxygen carriers are 
given in Figure 2.13 [32, 58]. Cobalt oxide exhibits the highest oxygen ratio followed by 
the oxides of nickel and copper, whilst iron oxide showed the compound the least oxygen 
ratio.  
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Figure 2.13 Oxygen carrying capacity (oxygen ratio - Roc) for various metal oxides [58] 
2.4.6.1 Method of preparation 
As mentioned earlier, the method of supporting the metal oxides on inert supports 
influences the final properties of the oxygen carriers. There are different preparation 
methods in which this can be achieved. The most common are by impregnation (wet or 
dry), mechanical mixing (wet or dry), freeze granulation, spray drying and co-
precipitation.  
Impregnation involves doping a support material of high porosity with either a 
concentrated or dilute solution containing the metal, typically nitrate solution (e.g. 
Cu(NO3)2) followed by drying at elevated temperatures sufficient to evaporate any 
moisture. The impregnated samples can be crushed down to the desired size fractions 
before calcination at temperatures above 300 
o
C depending on the oxide decomposition 
temperature to obtain the final oxygen carrier. Impregnation (either wet or dry) has been 
used to prepare suitable oxygen carriers, with notable works by Zafar et al [61], Corbella et 
al [57, 62], Mattisson et al [63] and Gayán et al [64, 65]. Mechanical mixing involves 
mixing the support material and metal oxide with water to form a paste (water + solid). 
The paste can be dried in an oven or under a constant stream of hot air and the resulting 
solid mixture is calcined at high temperature above 500 
o
C, with the oxygen carriers 
produced tending to be dense. Examples of oxygen carriers prepared using mechanical 
mixing include works by Chuang et al [66] and Ryu et al [55, 67, 68].  
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Freeze granulation involves mixing the support and active material with water and a 
dispersion agent and the resulting slurry solution is sprayed through a nozzle into liquid 
nitrogen. The water in the frozen particles is removed by freeze-drying, after which they 
are pyrolysed to remove any organic material present due to the dispersion agent and 
finally sintered at high temperatures > 500 
o
C. Examples of oxygen carriers being prepared 
using the freeze granulation method include the works by Cho et al [56, 69], Johansson et 
al [36], Mattisson et al [70, 71] and many more. Spray drying is another method that has 
been recently used and is similar to the freeze granulation method. The main differences, 
as compared to the freeze granulation method, are the inclusion of a binding agent (e.g. 
Mg-based) into the paste solution, and the particles are dried in a stream of hot gas. 
Industrial scale spray drying equipment is commercially available for large scale 
production and can be applied for the development of suitable oxygen carriers. Examples 
of oxygen carriers prepared by spray drying include the works by Jerndal et al [72] and 
Linderholm et al [73, 74].  
Coprecipitation is the simultaneous precipitation of more than one substance from a 
solution and in most cases, the driving force is pH [75]. This method involves the addition 
of a highly basic (CO3
2-
 or OH
-
 with pH > 8) solution to solutions containing both the 
active metal and inert ion species (nitrate solutions typically used NO3
-
 pH < 5) under 
constant agitation. As the pH increases, the respective insoluble species (mainly metal 
carbonates or hydroxides) are precipitated out. The precipitates are collected and washed 
before they are dried and calcined to their respective oxides. The advantage of this method 
is that the metal oxide and support material are embedded as one and depending on the 
nature of the support, the oxygen carriers’ properties can be greatly enhanced. Oxygen 
carriers prepared by the spin-flash method have also been reported by Linderholm et al 
[76]. 
2.4.7 Gas-solid kinetics 
Gas-solid reactions play a major role in most chemical processes, either on a laboratory or 
industrial scale. These processes are normally termed heterogeneous reactions because 
they involve two or more phases coming in contact, undergoing chemical reaction and 
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being transformed into new products. Generally, most gas-solid reactions take one of the 
following forms [77]: 
A(gas)  bB(solid)  cC(gaseous product)  d (solid product) R2.9 
A(gas)  bB(solid)  cC(gaseous product) R2.10 
A(gas)  bB(solid)  cC(solid product) R2.11 
Examples of some common gas-solid reactions include roasting of sulphide ores, reduction 
and oxidation of metal (e.g. R2.9 and R2.11), electroplating processes, combustion of coal 
or carbonaceous materials (e.g. R2.10) and many more. A common feature for most gas-
solid reaction system is that the overall process may involve several intermediate steps 
typically in the order [78]: 
i. External mass-transfer of reactant and products from and to the bulk gas phase to 
and from the vicinity of the reacting particle 
ii. Diffusion of gaseous reactant or products through the pores of the solid reactant 
iii. Adsorption of the gaseous reactant on and desorption of gaseous product from the 
solid surface 
iv. Chemical reaction between the adsorbed gas and the solid 
Some other phenomena associated with gas-solid systems include 
v. Heat transfer effects both within the reacting solids and between the solid and the 
surrounding gas 
vi. Change in morphology and structure due to sintering effects 
vii. The gas and solid flow through the reaction equipment, i.e. contacting patterns  
Chemical-looping processes using metal oxides fall into the same categories as most other 
gas-solid systems. Understanding the reaction kinetics for a given reaction system plays an 
important role in the design and performance of the process. Gas-solid kinetics are 
generally studied through the use of kinetic models, which describe the general reaction 
mechanisms in comparison to the experimental results. The two most frequently used 
models applied to chemical looping processes are the nucleation and nuclei growth models 
[32, 79] and the unreacted shrinking core model [77, 78, 80]. 
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Nucleation and nuclei growth model – considers the gas-solid reactions to proceed by 
nucleation (i.e. formation of nuclei) and subsequent growth after a brief induction period. 
This growth occurs due to the overlap of the nuclei and nuclei site and the overall solid 
conversion is determined by the relative rate of nucleation, nuclei growth and the 
concentration of the nuclei sites. The nuclei growth is normally assumed to be constant at a 
given temperature and gas composition for a particular gas-solid reaction. The conversion–
time (X–t) curves generally show a sigmoid shape which can be described in terms of the 
reaction-rate controlling Avrami-Erofe’ev (A-E) model [81]. This model has been applied 
to numerous systems ranging from crystallization to polymerization and has now been 
applied to different reduction and oxidation systems in CLC processes. The general 
function in terms of the solid conversion, X, used to describe the nucleation and nuclei 
growth model is given by [81, 82]:  
 ( )  m(1    )[ ln (1    )]
(m  1)
m⁄  
2.12 
m is the Avrami exponent indicative of the reaction mechanism and crystal growth 
dimension (m = 1D, 2D or 3D dimensional nuclei growth). A schematic diagram for the 
nucleation and nuclei growth formation is shown in Figure 2.14.  
 
Figure 2.14 Formation and growth of nuclei of product during the reduction/oxidation of oxygen 
carriers [79] 
Unreacted shrinking-core model – considers the inward progression of the solid 
product/reactant layer towards the centre of the particle. Initially the external surface of the 
solid participates in the reaction and after a certain time that surface becomes fully reacted. 
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A non-reactive or product layer (ash layer) is formed and increases in thickness with time 
leading to the shrinking core of unreacted solid as shown in Figure 2.15 [32, 77, 83]. 
 
Figure 2.15 Representation of the unreacted shrinking-core model [77] 
The rate of conversion of the solid is dependent on three rate controlling steps (i) external 
diffusion as a result of the gas film, (ii) internal diffusion resulting from the product (ash) 
layer resistance and (iii) chemical reaction at the surface of the unreacted core. Taking all 
three rate-controlling steps into account, the change of the unreacted core radius, rc, can be 
expressed as [77, 78]: 
 
drc
dt
   
bCA
rc
2 Rp
2 g⁄⏟   
gas film
  (Rp    rc)rc Rp eA⁄⏟            
product layer
  1  s⁄⏟
chemical reaction
 
2.13 
The solid conversion based on the radius of the unreacted core can be determined by the 
relationship 
     1   (
rc
Rp
)
Fp
 
2.14 
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where Fp is the geometric shape factor (Fp = 1 for slab; Fp = 2 for cylinder and Fp = 3 for 
sphere). For Fp = 1, the half slab thickness (1/L) is used in place of (rc/Rp) in Equation 
2.14. In the case when all three resistances are important, the total time to yield a certain 
conversion is given as the sum of the time for the individual steps 
t  tgas film  tproduct layer   tchemical reaction 2.15 
For purposes of kinetic parameter measurements, it is clear that using smaller particle 
sizes, with high flow rates helps to minimise the gas and product layer diffusion resistances 
[32, 60]. In some studies using the shrinking core model, the reactions were controlled 
mainly by chemical reaction whilst gas film and product layer resistance were negligible 
due to the process conditions used [67, 84, 85]. The models used corresponded to spherical 
and plate-like (slab) geometries under the chemical reaction control regime. Analysis of 
gas-solid kinetics provides a fundamental platform for the development and application of 
suitable oxygen carriers with better performance and oxygen transfer capacity. 
2.5 Present study 
There is a significant quantity of information regarding the advancement in chemical-
looping combustion processes on a small scale, but little relevance to commercialisation. 
There are still some key areas that can be improved upon e.g. development of oxygen 
carriers with higher [O] capacity which could decrease the total amount of bed mass 
required during an operation. Alternative reactor design concepts need to be developed as 
this will determine the capital cost requirements. Knowledge of the gas-solid kinetics is 
also an area where further insight is needed because the preparation method will 
significantly influence the overall properties of the final oxygen carriers. This study seeks 
to address some of these issues in order to broaden the understanding to facilitate future 
developments. A summary of the main challenges for CLC and areas this research attempts 
to address are given in Figure 2.16.  
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Figure 2.16 Key challenges for CLC processes and areas to be addressed 
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Chapter 3 Thermodynamic analysis of CLC/R 
3.1 Introduction 
This chapter investigates the feasibility of chemical looping combustion and reforming of 
gaseous fuels, mainly natural gas, from a thermodynamic viewpoint. Thermodynamic 
equilibrium analysis is an essential preliminary design stage and is useful in identifying the 
favourable operating conditions for the production of certain desired compounds.  
The feasibility of using different oxygen carriers for chemical-looping applications has 
been investigated by a number of authors [58, 71, 86]. Chemical equilibrium analysis also 
aids the identification of suitable oxygen carriers that have a large capacity to transfer 
oxygen. Jerndal et al [58] reported an extensive thermodynamic analysis of different metal 
oxide systems and fuel gases. Oxides of Cu, Ni, Co, Fe and Mn were identified with the 
most favourable thermodynamics for the different fuel gases investigated. It was also 
observed that reduction of NiO   Ni with methane was thermodynamically limited to 
about 97 – 99 %. The equilibrium conversions of some intermediate oxide states (e.g. 
Fe3O4   FeO, FeO   Fe and MnO   Mn) were very low and were not considered as 
suitable oxygen carriers. Oxidation reaction investigations indicated that oxides of Cu and 
Mn at high temperature were in favour of the more reduced oxide forms (i.e. Cu  Cu2O).  
Under certain process conditions, some undesired side reactions may occur which could 
limit the performance of the chemical-looping process. The two main reactions applicable 
to the combustion of gaseous fuels are carbon formation and the interaction of the oxygen 
carriers with trace contaminant gases like H2S, COS or SO2. Carbon formation on the 
metal oxygen carriers typically occurs if a carbon containing fuel is used (e.g. CO, CH4 or 
higher). The formation of carbon can have an adverse effect on the process due to its 
transportation from the fuel to the air reactor where they react with oxygen, forming CO2, 
thereby resulting in a lower net capture efficiency. Carbon formation is generally via two 
main routes and is influenced by temperature, pressure and amount of oxygen added to the 
system. The first is the catalytic decomposition of methane, which is an endothermic 
reaction and thermodynamically favoured at higher temperatures. The second is the 
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Boudouard reaction which is exothermic and thermodynamically favoured at lower 
temperatures.  
Thermodynamic analysis for the formation of carbon has been conducted by Jerndal et al 
[58], Tian and Guo [87], and Wang et al [86]. The influence of temperature, pressure and 
oxygen added ratios on the amount of carbon formed were modelled using HSC Chemistry 
5.0 software. The equilibrium compositions were determined by a Gibbs energy 
minimisation technique to obtain the most stable phase at constant temperature and 
pressure. Their work indicated that increase in oxygen added and temperature led to the 
suppression of carbon. The addition of steam also supressed the formation of carbon owing 
to the increase in total oxygen added. Wang et al [86] also modelled the formation of 
carbon-metal bearing species and they reported the formation of carbonates with Ni, Fe 
and Co but not for Cu below 800 
o
C.  
The interactions of trace sulphur-species like H2S or SO2 with the oxygen carriers have 
also been investigated by different authors [58, 71, 86]. Jerndal et al [58] proposed that if 
H2S is present in the fuel, SO2 would be formed as the fuel was burnt, and the formation of 
COS, SO3 and S2 would be insignificant. On the other hand, the effect of H2S and SO2 is 
more prominent on the solid phase reactions, with Ni and Co forming their respective 
sulphides. With CuO/Cu2O, Cu2S is most likely to be formed with a lower overall 
concentration of sulphur-containing species than the formation of Cu2SO4. The sulphur-
containing concentrations needed for the formation of these compounds at 1 bar were in 
excess of 10 and 33 vol.% (for Cu2S and CuSO4) at T > 600 
o
C. Under normal operating 
conditions these concentrations are very unlikely to occur, thereby decreasing the 
probability of sulphate formation. In another study, by Wang et al [86], the effect of H2S 
on the solid phase reactions with different oxygen carriers was also investigated in the 
temperature range 200 – 1400 oC. With respect to copper, Cu2S, CuSO4 and Cu2SO4 were 
the most stable species formed with Cu2S dominant in an oxygen deficient regime (oxygen 
to fuel ratio < 1).  
Chemical equilibrium analysis for the combustion of methane [CH4] with CuO under 
different process conditions is investigated in the following section. The composition of 
the fuel (e.g. H and C only) is constant at different temperatures and pressures, in contrast 
to the case of combustion of solid fuels, where there are significant kinetics constraints to 
the pyrolysis and gasification yields [7]. Steam or H2S are the only two other gases added 
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to the input stream. The effect of H2S on the solid phase reaction under a highly reducing 
environment was also investigated. The process temperature and pressure ranged from 500 
– 1100 oC and 1 – 20 bar respectively.  
3.2 Theory 
3.2.1 Gibbs energy minimization 
Chemical equilibrium analysis can be performed in two ways: (i) Method of independent 
chemical reactions (the Denbigh method) and (ii) Gibbs free energy minimization. The 
method of independent chemical reactions consists of the resolution of a nonlinear system 
of equations obtained from a balance on the component atoms of all compounds present in 
the system. Using the Denbigh procedure, the stoichiometric equations for the formation 
from their component atoms are written for the compounds present and by simple addition 
and subtraction, the atomic species (free atoms) are eliminated from the equation. The 
resulting equation forms a set of independent chemical reactions sufficient to represent the 
stoichiometry of the system [88-90].  
The Gibbs free energy minimization method involves identifying a set of compositions of 
the species present in order to make the Gibbs free energy of the system minimal subject to 
the constraint imposed by the law of conservation of mass [89, 91]. The main advantage of 
this method over the method of independent reactions is that it does not require the 
construction of a set of chemical reactions that take place at equilibrium, and is therefore 
more easily automated. The thermodynamic quantity used is the total Gibbs free energy of 
the system and it is readily obtained for many species as a function of temperature, 
pressure, and composition.  
Consider a thermodynamic system at constant temperature and pressure, at equilibrium, the 
total Gibbs free energy of the system is at a minimum, defined as [90], 
dG  0 3.1 
where the total Gibbs free energy is given by: 
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G  ∑ G̅i
i
ni 
3.2 
This states that the total Gibbs free energy is equal to the sum of the product of the partial 
molar free energy of species i,  ̅ , and the number of moles of species i, ni. For a gas-phase 
reaction occurring in a closed system at constant temperature and pressure, the total Gibbs 
free energy for the system can be expressed as: 
G̅i  Gi
θ    ln(
 ̂
 
 
 
 θ) 
3.3 
where   
θ
 is the standard molar Gibbs free energy of the pure species i and  ̂
 
 
 
 θ⁄  is the ratio 
between the fugacity of species i in the mixture to the pure species at the reference state.  
 
 θ
 
is replaced with P
o
, which is the reference pressure at the standard state under ideal 
conditions. Equation 3.3 can be simplified further by replacing  ̂
 
 =  
 
  ̂
 
 where, yi is the 
mole fraction of the gaseous species,  ̂
 
 is the fugacity coefficient and is unity for ideal 
gases. Differentiating Equation 3.2 results in the following expression: 
dG  ∑ nidG̅i
 
   ∑ G̅idni
 
  0 
3.4 
At constant temperature and pressure   ̅  is zero in line with the Gibbs-Duhem equation 
[90]. Substituting Equation 3.3 into Equation 3.4 and expanding the fugacity term results in 
the following expression: 
dG  ∑ niGi
θ
 
  ∑ ni   ln 
 
   ∑ ni   ln   
 
  ∑ ni   ln ̂ 
 
 
3.5 
The Gibbs minimum, dG, is obtained by finding a set of values for ni, which results in the 
most negative dG value subject to the constraints of elemental balances in accordance with 
conservation of mass law. 
∑    ni   b   0
 
 
3.6 
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where aji is the total number of atoms of element j in species i and bj is total number of 
moles of element j in the mixture. Due to the complexity of the systems of equations to be 
solved, it is usual to do so using a computer. 
3.2.2 Equilibrium constant 
The equilibrium constant is defined as 
  ( )  exp ( 
∆Grxn
  
) 
3.7 
where Ka is the equilibrium constant in terms of the activity, ∆ rxn is the standard Gibbs 
free energy of reaction and R is the universal gas constant. Ka is related to the species 
activities at equilibrium by  
  ( )  ∏   
  
c
  = 1
   
  
ρ 
  
α 
 
β 
 
3.8 
where ai is the activity and vi is the stoichiometric coefficient of species i. For species in a 
gaseous mixture at low and moderate pressures, the activity of the species can be 
approximated by 
    
 
 
 
1    
   
  
1    
 
3.9 
Generally for pure condensed-phase species, the activity is equal to unity and not included 
in equations. Take the reduction of CuO with CO as an example: 
CuO(s) + CO(g)  Cu(s) + CO2(g)  
  ( )   
    
   
  
    
1∙   
  
    
   
   ( ) 
3.10 
Pi in Equation 3.9 corresponds to PCO and PCO2 and are the respective partial pressures for 
the individual gases in the total mixture.  
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3.3 Application of FactSage™ 
A commercial thermodynamic data bank software (FactSage
TM
) was used to model the 
chemical-looping combustion/reforming processes by performing different constrained 
equilibrium calculations. The software automatically accesses databases of thermodynamic 
data for thousands of compounds, metal solutions, liquids, solid oxides, aqueous solutions 
and many more. The databases are developed by the Centre for Research in Computational 
Thermochemistry (CRCT), the Scientific Group Thermodata Europe (SGTE), the Spencer 
Group and GTT-Technologies. The software can also compute different conditions for 
multiphase/multicomponent equilibria with a wide variety of tubular and graphical output 
modes. The fundamental principle for the computations is Gibbs free energy minimisation, 
and the advantage of using the program was the speed of computation. The computation 
generally followed the order 
 
Figure 3.1 The Gibbs energy tree used for thermodynamic calculations in FactSage
TM
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The Equilibrium module was used to model the chemical-looping combustion processes 
under different process conditions. For example: the equilibrium compositions of the 
products formed for the combustion of methane [CH4] with 4 moles of CuO at constant P 
and temperature between 500 and 1100 
o
C. The main assumptions employed were that 
 The gas and solid phases are considered to be ideal gases and pure substances 
respectively 
 Only pure stoichiometric compounds can be formed 
 Reaction kinetics were not considered  
The Phase Diagram and Predom modules were also used to obtain isothermal plots for a 2-
metal predominance area diagram (most stable products) under different process 
conditions.  
3.4 Results 
The parameters used for the thermodynamic analysis were similar to the conditions under 
lab-scale analysis. For example, 0.2 g (200 mg) of an 80 wt.% CuO, which will contain ~ 
0.00204 moles, and 3.4 × 10
-4
 moles of CH4 be present at a fixed process condition (e.g. T 
= 500 
o
C, P = 1 bar). The ratio, ς, of the oxygen supplied from the oxygen carrier and the 
fuel present at that condition, is defined as 
ς = 
moles of oxygen supplied by oxygen carrier (or with H2O(g))
theoretical moles of O2 required for stoichiometric combustion
 
3.11 
For the example above, the value of ς obtained is 6, and this means that at that condition 
the amount of oxygen present is 6 times greater than the minimum required amount for 
complete conversion (i.e. > 4 – favours complete fuel oxidation). If the total moles of the 
solid remained constant, and the moles of the gas is increased to 0.003 moles, and if steam 
is also added (10% of CH4), the value of ς will be ~ 0.78. This means that the reaction 
occurs in an oxygen limited regime (i.e. < 4 – favours partial oxidation and carbon 
formation). Based on these examples, the thermodynamic equilibrium compositions are 
predicted as a function of the process parameters and possible side reactions are 
investigated. A summary of the main reactions are given in Table 3.1.  
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Table 3.1 Main reactions considered for thermodynamic analysis 
Reactions ∆Hθ1000K 
[kJ mol
-1
] 
∆Gθ1000K 
[kJ mol
-1
] 
Equilibrium 
constant, Kp [bar
-1
] 
Reduction    
Partial Oxidation [PO] 
CH4(g) + CuO(s)  CO(g) + 2H2(g) + Cu(s) 
128.2 -153.4 
   = 
 [CO] [H2]2
 [CH4]
 
Complete Oxidation [CO] 
CH4(g) + 4CuO(s)   CO2(g) + 2H2O(g) + 
4Cu(s) 
-198.7 -535.2 
   = 
 [CO2] [H2O]2
 [CH4]
 
Syngas Oxidation [SO] 
CO(g) + CuO(s)  CO2(g) + Cu(s) 
-132.2 -129.3 
   = 
 [CO2]
 [CO]
 
Water gas shift [WGS] 
CO(g) + H2O(g)  CO2(g) + H2(g) 
-34.8 -2.98 
   = 
 [CO2] [H2]
 [H2O] [CO]
 
Boudouard Reaction [BR] 
2CO(g)  CO2(g) + C(s) 
-170.5 4.39 
   = 
 [CO2]
 
[CO]2
 
Methane Decomposition [MD] 
CH4(g)  C(s) + 2H2(g) 
90.23 -198.5 
   = 
 [H2]
 [CH4]
 
    
Oxidation    
Cu(s) + ½O2(g)  CuO(s) -150.4 -66.3 
   = 
1
 
[O2]
1
2⁄
 2Cu(s) + ½O2(g)  Cu2O(s) -167.6 -95.5 
Cu2O(s) + ½O2(g)  2CuO(s) -220.6 -225.2 
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3.4.1 Equilibrium constants 
Reduction reactions 
 
Figure 3.2 Plot of temperature and equilibrium constant (reduction – refer to Table 3.1 for 
acronyms)  
Oxidation reactions 
 
Figure 3.3 Plot of temperature and equilibrium constant (oxidation) 
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Figures 3.2 and 3.3 can also be referred to as the phase diagrams for the reduction and 
oxidation reactions respectively. At 700 
o
C (dotted lines in Figure 3.2), reduction of CuO is 
highly favoured provided that KPSO and KPCO exceeds 7.8 × 10
6
 and 1.99 × 10
28
 bar
-1
 
respectively. Under normal operating situations this condition is easily achieved and 
favours the complete conversion to copper. The oxidation of Cu  CuO is highly favoured 
even at very low O2 partial pressures. At O2 partial pressure of ~ 0.042, complete oxidation 
is favoured at T ~ 1023 
o
C, but will be limited by the low melting point (Tmp = 1085 
o
C) of 
copper (Cu). Compared with the other metals, copper shows better oxidation properties at 
lower temperature (T < 750 
o
C). 
3.4.2 Equilibrium compositions 
3.4.2.1 Effect of oxygen ratio, ς, and steam 
Four case scenarios were modelled to observe the role oxygen plays during the combustion 
process.  
Case 1: ς < 1 (Limited O supply) 
 
Figure 3.4 Mole fractions at thermodynamic equilibrium for ς < 1, P = 1 bar (■ without H2O; ς = 
0.42, □ with H2O; ς = 0.92) 
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Case 2: 1 ≤ ς < 4 (Partial O supply) 
 
Figure 3.5 Mole fractions at thermodynamic equilibrium for 1 ≤ ς < 4, P = 1 bar. Reaction with 
CH4 + CuO + H2O (── H2O/CH4 = 0, ─ ─ H2O/CH4 = 0.25, ∙∙∙∙∙ H2O/CH4 = 0.5) 
 
Figure 3.6 Effect of steam on ς needed to avoid carbon formation at P = 1 bar (♦ H2O/CH4 = 0, ■ 
H2O/CH4 = 0.25, ▲ H2O/CH4 = 0.5) 
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Case 3: ς = 4 (Stoichiometric O supply) 
 
Figure 3.7 Mole fractions at thermodynamic equilibrium for ς = 4, P = 1 bar. Reaction with CH4 + 
CuO (□ without H2S, ■ with H2S) 
Case 4: ς > 4 (Excess O supply) 
 
Figure 3.8 Mole fractions at thermodynamic equilibrium for ς > 4, P = 1 bar Reaction with CH4 + 
CuO + H2S (■ without H2S, □ with H2S) 
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Under a limited supply of oxygen (Case 1), methane decomposition and partial oxidation 
of CH4 to H2 and CO are the most favoured reactions. The addition of steam was 
insignificant to the gaseous species. In Case 2, the oxygen ratio was between 1 and < 4 and 
it involved the addition of steam to the oxygen supplied from the oxygen carrier. From the 
gaseous mole fractions obtained in Figure 3.5, the addition of steam had no significant 
effect on the product gases but helped suppress the formation of carbon at higher 
temperatures. Above 700 
o
C, additional steam decreased the overall equilibrium 
compositions of the main gases due to the likelihood that no carbon deposit was formed 
coupled with complete fuel conversion. In Case 3, with the exact oxygen ratio of 4, the 
only dominant reaction was the complete oxidation of CH4 to CO2 and H2O and carbon 
was not present. An excess supply of oxygen from the carrier as in Case 4 results in the 
loss of oxygen due to the decomposition of CuO  Cu2O at higher temperatures. 
3.4.2.2 Effect of H2S 
H2S was added to the equilibrium calculations, since natural gas or refinery gas may 
contain trace amounts. The ratios of H2S/CH4 were 0.01 and 0.02 (1 and 2 %) respectively. 
The potential formation of sulphur species like COS and SO2 had very little effect on the 
mole fraction of the gaseous species based on the calculations performed. The effect was 
more prominent in the solid species as the formation of Cu2S was the most stable product 
formed. 
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Figure 3.9 Mole fractions for minor species formed at thermodynamic equilibrium for ς = 4, P = 1 
bar (for Figure 3.7) 
 
Figure 3.10 Effect of H2S on the solid conversion for ς = 1 at different H2S/CH4 ratios 
Figure 3.10 shows the influence of H2S on the conversion of solid due to the formation of 
copper (1) sulphide (Cu2S). The fraction of Cu2S formed increased as the addition of H2S 
into the system increased. The formation of Cu2S with ς = 1 appeared to decrease as the 
reaction temperature increased, but remained almost level under the same conditions for ς 
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= 4. The significance of Cu2S formation is twofold - during the re-oxidation stage, 
formation of SO2 may occur and also the Cu2S takes away reactive CuO, thereby poisoning 
the chemical looping compound.  
The phase diagrams for Cu-Al-O-S at 700 
o
C and 900 
o
C are shown in Figure 3.11. The 
phase diagrams were plotted using the thermodynamic software mentioned in the previous 
section. Under excess O2 concentrations, i.e. high partial pressures, the formation of copper 
sulphate (CuSO4) is thermodynamically favoured. For example, at PO2 ~ 0.21 bar and PSO2 
~ 0.01 bar, the formation of CuSO4 is more thermodynamically favourable at 700 
o
C than 
at 900 
o
C (red dotted lines). Under limited O2 concentrations, say PO2 ~ 10
-9
 bar and at 
PSO2 ~ 0.3 bar, the formation of Cu2S is more thermodynamically favourable at 900 
o
C 
than at 700 
o
C (blue dotted lines). There is also a tendency for both the inert and active 
components of the oxygen carriers to react with sulphur, but the conditions are favourable 
at extremely high partial pressures (highly unattainable) for both O2 and SO2 at 700 
o
C. 
Within the boundary of the conditions investigated in Figure 3.11, the area under for Cu 
and Al sulphates species is wider at 700 
o
C than at 900 
o
C and is due to loss of O2 resulting 
from the decomposition of CuO  Cu2O.  
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Figure 3.11 Phase diagrams for Cu-Al-O-S at (a) 700 
o
C (b) 900 
o
C 
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3.4.2.3 Carbon formation  
Carbon formation is possible via the methane decomposition (MD) and Boudouard 
reactions (BR). Methane decomposition is thermodynamically favourable at higher 
temperatures whilst the Boudouard reaction is favourable at lower temperatures. In this 
equilibrium analysis, carbon formation is via methane decomposition as methane was the 
main fuel used.  
 
Figure 3.12 Effect of oxygen ratio ς on carbon formation 
Increasing the oxygen ratio ς supressed the formation of carbon within the range of 
temperature analysed. With values of ς < 1, the probability of forming carbon deposits is 
very high and should be avoided as it could limit the efficiency of the process.  
3.4.2.4 Effect of pressure 
The effect of system pressure was modelled by the thermodynamic equilibrium program as 
well as the effect of pressure on carbon formation and is given in Figures 3.13 – 3.15. It 
seems that increasing the system pressure shifts the equilibrium to the right in favour of 
higher reaction temperatures. This caused a decrease in the equilibrium composition of the 
products (H2 and CO mainly) as the pressure was increased as observed in Figure 3.14. In 
terms of the effect on the formation of carbon, increasing the pressure at T ≤ 700 oC 
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supresses the formation of carbon to a certain extent depending on the value of ς used (ς = 
1). Increasing the pressure at T > 700 
o
C increases the carbon formation window i.e. shifts 
the equilibrium to the region of greater instability (formation of carbon).  
 
Figure 3.13 Mole fraction at thermodynamic equilibrium for ς =1, P = 1(♦), 5 (■), 10 (▲), 20 (●) 
bar (■ black - H2, □ white - CH4) 
 
Figure 3.14 Mole fractions at thermodynamic equilibrium for ς = 1, T = 700 oC 
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Figure 3.15 Effect of system pressure on carbon formation for ς = 1 
The main drawback with these calculations is that the effect of kinetics is not taken into 
account. Mass transfer limitation could also play a role and cannot be accounted for in the 
equilibrium calculations. The results obtained from the thermodynamic modelling are an 
indication of the possible species that could be formed under equilibrium conditions. 
3.5 Conclusions 
Thermodynamic analysis for the combustion of methane with CuO has been investigated 
under different process conditions. Equilibrium compositions as a function of temperature 
and pressure were modelled using a thermodynamic databank software (FactSage
TM
). It 
was observed that the oxygen present for combustion played a critical role on the product 
distributions. For values of ς < 1, carbon formation was highly favoured in the temperature 
range 500 – 1100 oC and the dominant reactions were partial combustion of methane and 
methane decomposition. For ς ≥ 1, partial combustion of methane is highly favoured and 
the addition of steam aided the suppression of carbon. For ς ≥ 4, high temperatures 
favoured the decomposition of CuO  Cu2O, complete fuel combustion to CO2 and H2O 
and carbon was not detected under the conditions. The influence of trace sulphur-
containing species such as H2S was also investigated. It was observed that Cu2S was the 
73 
 
most stable compound formed under the conditions modelled. This indicates that under 
highly reducing environments, the fuel gases should preferably be desulfurized prior to 
combustion. The phase diagram for Cu-Al-O-S showed that only at exceptionally high 
partial pressures of both O2 and SO2, CuSO4 and Al2(SO4)3 could be formed. The 
likelihood of formation under normal process conditions is very low. Increase in system 
pressure shifts the equilibrium in favour of higher temperatures thereby increasing the 
likelihood of carbon formation at lower temperatures. 
To conclude, with sufficient oxygen present either in an oxide state or with steam, carbon 
formation should not be a problem as long as the process is under conditions which favour 
high fuel conversion preferably with ς > 1.5. With respect to sulphur species, 
desulfurization of the fuel prior to combustion appears to be quite important. 
Considerations of the physical properties of the oxygen carriers should be taken into 
account, particularly at high reaction temperatures.  
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Chapter 4 Experimental apparatus and materials 
Three different experimental apparatuses were used (including one constructed for this 
study), and are described below. (i) A fixed-bed reactor (id – 24 mm) was designed and 
built, and used to study the reduction reaction of the oxygen carriers (copper oxide 
supported on alumina) as well as to investigate the oxygen transport capabilities (over 
multiple redox cycles) of the prepared oxygen carriers. (ii) A thermo-gravimetric analyser 
(TGA) was used to investigate the reduction and oxidation kinetics of the oxygen carriers 
along with some extended cycle analysis and oxide decomposition studies. (iii) An oxide 
synthesis set-up was used to prepare a novel oxygen carrier supported on alumina by 
measuring the pH and controlling the amount of reagent added until the set pH was 
achieved. 
4.1 Fixed-bed reactor (FBR) 
4.1.1 Overall reactor set-up 
The reactor set-up is shown in Figure 4.1, which shows the basic apparatus and equipment 
that make up the entire system. The flowrates of the inlet gases were measured and 
controlled by electronic mass flow controllers (Model – SLA5850 - Brooks Instruments). 
All the inlet gases were supplied from gas cylinders (BOC UK). All tubing and fittings for 
gas flow were made from stainless steel (SS-316, Swagelok UK) except for the reactor 
body which was made from Incoloy alloy 800HT. Power for heating the reactor was 
supplied by a transformer (Skot Transformers) and was controlled from a control box. 
Pseudo-PID control was used for the bed temperature and was implemented via an on/off 
mechanism. A safety device (Multi Time range – Broyce Control – RS Components) was 
added to the control box to cut off power supply from the transformer to the reactor if the 
reactor exceeded the set limit (950 
o
C).  
The gases exiting the reactor were cooled in a heat exchange coil immersed in a bath of 
cold water or ice before they were analysed by the gas analysers. The concentrations of the 
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off-gases leaving the reactor were continuously measured by two different gas analysers 
connected in series. CO (0 – 50 vol.%), CH4 (0-50 vol.%) and CO2 (0 -50 vol.%) were 
measured using an Infrared Multigas Analyser (Model: MGA3000, ADC Gas Analysis 
Ltd) whilst H2 (0 – 10 vol.%) was measured with a thermal conductivity gas analyser 
(Model: ABB EL3020, ABB). The pump on the gas analyser (MGA3000) was not used 
because the pump action caused fluctuations on the measured values; hence the pressure 
from the cylinders was used as the main driving force for the measurements. 
Preliminary experiments indicated interference of the other gases on the base line of the H2 
reading, with CO2 having the most effect. The interference was corrected by performing a 
cross-calibration with known amounts of CO, CH4 and CO2 to obtain the relationship 
between the concentration and deviation. The cross-calibrated constants were used to 
correct the hydrogen reading from the analyser. The gas analysers together with the 
thermocouples (type K – TC Thermocouples) were connected to the control box and 
connected via a USB cable to the PC. The values were logged on the PC every second via 
the use of an interface software (Agilent VEE Pro). 
Due to the production of highly flammable and toxic gases, the exhaust gases were 
securely vented into a fume cupboard and flared. As a safety precaution, flash-back 
arrestors were fitted at the exit of the exhaust gas line and gas regulator outlet on the 
cylinder. Gas detectors (CO – Model: KN-COPP-3-UK and CH4 – Model: GASARM-GA 
617) were also placed at different locations around the entire system. 
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Figure 4.1 Overall schematic diagram of the Fixed-Bed Reactor  
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The reactor set-up as shown in Figure 4.1 was modified for residence time distribution 
measurements and kinetic parameter determination.  
MFC
Gas Analyzer
Tracer input
Tracer Output/
Sample 
Collection
Reactor tube
Water Vapour Traps
Exhaust Gas
tGA
σ2GA
 
Figure 4.2 Set-up used for flow characterisation between MFC and gas analyser (GA) 
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Figure 4.3 Set-up used for flow characterisation of reactor system 
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Figure 4.4 Set-up used for kinetic studies with CO 
4.1.2 Reactor vessel 
The reaction vessel was made up of a cylindrical quartz tube (id = 24 mm) housed within a 
cylindrical metal tube (id = 26.4 mm). Incoloy Alloy 800HT (TW Metals) was the metal 
used as the reactor exterior primarily due to its capabilities to be used for high temperature 
applications and its high tensile strength at elevated pressures and temperatures. The quartz 
tube (Soham Scientific) was fitted with a porous sintered quartz disc plate (L = 205 mm 
from base), which acted as the bed support, and was located at the middle of the reactor 
(the hottest section). The depth of the solid in the reactor was kept less than 15 mm and 
consisted of a mixture of sand and the active material. The reactor was held vertically by 
the top copper electrode which was supported on a constructed frame (Dexion). Electric 
resistance heating was used to heat up the reaction vessel to the desired temperature by 
supplying current from the transformer. K-type thermocouples were used to measure and 
control the temperature for the entire system from the wall or bed. Two thermocouples 
were placed in the bed (3 mm K-type – 15 mm from bed and 1.5 mm K-type – 50 mm 
from the bed) by using a high temperature and pressure sealing assemble fitting (Lava 
Sealant – TC Thermocouple). Two thermocouples were placed on the wall of the reaction 
vessel and one was placed on the pre-heated section.  
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Figure 4.5 Reactor tube and quartz tube with sintered quartz plate (dimensions in mm) 
The minimum wall thickness required to resist an internal wall pressure of 30 bar was 
calculated from the general design equation found in literature, and the material properties 
were obtained from the manufacture’s datasheet [92, 93]. 
e   
Pi i
2   Pi
 
4.1 
The minimum wall thickness calculated from Equation 4.1 was ~ 4.3 mm. Both ends of the 
tube were fitted with a custom SWAGELOK
®
 reducing union fitting to ensure the system 
was completely closed.  
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Table 4.1 Summary of reactor design parameters 
Design Parameters  
Tube 
OD (mm) 
ID (mm) 
Length (mm) 
Wall thickness (mm) 
Design pressure (bar) 
Design Temperature (
o
C) 
Material of construction 
 
33.5 
26.4 
410 
7.1 
30 
950 
Incoloy Alloy 800HT 
Quartz Tube 
ID (mm) 
Material of constriction 
Plate distributor/Bed support 
 
24 
Quartz 
Sintered quartz 
4.1.3 Power requirements 
The power for heating the reactor was supplied from a transformer (rating: 2.5V, 1600 A; 
Skot Transformer) to two copper electrodes. The copper electrodes were clamped around 
the reaction tube and the top electrode was firmly bolted to a custom support frame (Speed 
Frame – Dexion). The electrodes were connected to the transformers using double 
insulated copper cables (internal core area = 35 mm
2
 - Starmaker Welding – Cambridge) 
and the number of cables required depended on the individual cable current rating (240 V 
× 10). Figure 4.6 shows the electrode set-up from the side and top view. 
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Figure 4.6 Electrode Assembly (side and top view) 
Power supplied to the reactor 
The current and voltage were measured across the cables, transformer and electrodes with 
a clamp-on amp meter (Model: M266 - MASTECH) and voltage meter (Model: M-830B – 
Sinometer). The expression below was used to determine the power supplied to operate the 
reactor at 900 
o
C.  
P = Isum    V 4.2 
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Figure 4.7 Current and voltage flow to and from the transformer 
Table 4.2 Measured current and voltage across the reactor and transformer 
 Cables IN (1) Cables OUT (2) Across the Reactor (3) 
Isum,avg (Amp) 480 480 480 
V (volts) 0.072 0.078 1.038 
Power (Watts) 34.56 37.44 498.24 
Total power supplied by transformer   = 570.24 W 
Actual power supplied to reactor   = 498.24 W 
Losses      = 12.6 % 
One major problem encountered with previous designs whilst at set temperature was that 
the cable melted due to the close proximity between the cable and the heated section. The 
new design in Figure 4.6 was designed to minimize the problem in addition to the 
insulation of both the reactor body and electrodes. This also helped minimize the heat loss 
during heat-up. Copper tubings (od = ⅛” – Starmaker Welding, Cambridge) were wrapped 
at the ends of the cables in contact with the electrodes which supplied cooling water. 
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4.2 TGA set-up 
Experiments were carried out in an Infrared Thermo-Gravimetric Analyser (Model: 
Q5000IR – TA Instruments Ltd). The TGA measures weight changes of a material as a 
function of temperature or time under a controlled reaction atmosphere. An integrated 
Autosampler feature enabled programmable multiple sample analysis. The reaction 
chamber was housed within two concentric cylindrical tubes and the heat source was a 
quartz halogen lamp. The sample holders were a 100 μL platinum-HT (Tmax = 1000 
o
C) 
and 100 μL platinum (Tmax = 700 
o
C) pans with a diameter of 10 mm. The balance purge 
and sample gases were measured and controlled by an in-built electronic mass flow 
controller. The TGA set-up was modified which enabled the study of varying gas 
concentrations and the addition of oxygen for the oxidation reactions. This was achieved 
by the use of an external gas switching valve and a re-calibrated rotameter (TA- 
Instruments) as shown in Figure 4.8. 
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ACQUISITION
CO/N2
 CH4/N2 
AIR
N2 
OFF-
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Figure 4.8 TGA set-up 
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The gas switching valve was directly connected to the TGA control system which 
controlled the on-off switch resulting in a fully automated system. The sample gas flow 
rate depended on the nature of experiments and ranged from 0 – 240 mL min-1 (for MFC) 
and 0- 150 mL min
-1
 (for rotameter). 
 
Figure 4.9 TGA sample Pans - 100 μL 
4.3 pH controller set-up 
A simple experimental set-up shown in Figure 4.10 was assembled and used for the 
preparation of a new metal oxide supported on an inert material by simultaneously 
precipitating both materials at the desired pH. The two main components were the pH 
controller (Model: PH-803, Precise Instrument HK) and the syringe pump (PERFUSOR 
Spritzen, B.BRAUN). The pH electrodes were first calibrated with known buffer solutions 
(pH 4.01, pH 7.00 and pH 10.00) and tested twice before any measurements were carried 
out. After calibration, the pH controller was set to the required value and its probe placed 
in the beaker containing the initial solution, whilst the syringe pump was filled with the 
precipitating agent. The pH controller received its set-point from the pH meter. Depending 
on the set pH value, the volume of precipitating solution was readily adjusted by the power 
supplied to the pump.  
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Figure 4.10 pH control set-up 
4.4 Materials 
4.4.1 Sand 
Sand (David Ball co. plc.) were used as the inert bed material to improve the temperature 
distribution for all the experiments conducted in the Fixed-Bed reactor. Particles in the size 
range 425 – 710 μm were used in all experiments.  
4.4.2 Chemicals and reagents 
The chemicals used were anhydrous Sodium carbonate [Na2CO3], ammonium solution 
[NH4OH], copper [Cu(NO3)2] and aluminium nitrate [Al(NO3)3] (Laboratory grade - Fisher 
Scientific UK). Buffer solution (Omega UK) with pH 4.01, 7, and 10 were also used for 
pH meter calibration.  
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4.4.3 Gases 
The two main fuel gases used were carbon monoxide, CO, and methane, CH4, each with 10 
vol.% concentration in nitrogen, N2, (BOC UK). Inert gas was N2 (cp-grade used for 
experiment conducted in the TGA). Oxidizing gas was zero grade air with an 18 – 21 
vol.% oxygen concentration (BOC UK).  
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Chapter 5 Oxygen carrier development 
5.1 Introduction 
This section presents the development and preparation of suitable oxygen carriers 
applicable for chemical looping combustion. The performance of oxygen carriers depends 
on the influence of the preparation methods on the final products. In addition to the 
development, different characterisation techniques are employed in order to understand the 
fundamental mechanisms of reaction. Information from both characterisation and 
experimental performance yields possible areas for oxygen carrier enhancements and 
modifications.  
Different metal oxides as oxygen carriers have been developed and studied in the literature. 
Copper, nickel, manganese and iron oxide are the four most studied oxygen carriers 
applicable for chemical looping combustion [59, 63, 94, 95]. The metal oxides on their 
own are not sufficiently reactive and in general need to be supported on an inert material 
which acts as a dispersing agent. Particularly with unsupported copper oxide, previous 
work by de Diego et al [59] found that within three redox cycles the reactivity decreased 
by about 90%. An inert support (SiO2) was found to increase the reactivity over 20 cycles. 
The most common inert supports are alumina (Al2O3), silicon dioxide (SiO2), titanium 
oxide (TiO2), zirconium oxide (ZrO2) and yttria stabilized zirconia (YSZ) [32, 42]. 
The method of dispersing the active metal oxide on the inert support is also vital to the 
performance of the oxygen carriers. The most common methods are mechanical mixing 
(e.g. Ryu et al [68]), impregnation [wet or dry] (e.g. Dueso et al [96], Chuang et al [66]), 
co-precipitation (de Diego et al [59], Chuang et al [66]) and spray drying (e.g. Jerndal et al 
[72]) [42, 59, 66, 68, 72, 96]. The interaction between the inert and active material 
(formation of spinels) also affects the oxygen transport capacity of the oxygen carriers. 
Gayan et al [94] and Dueso et al [96] confirmed the decrease in reactivity due to the 
interaction of NiO and Al2O3 which formed NiAl2O4 [64, 96]. Another example is the 
work done by Zafar et al [61] where it was observed that the reactivity of Fe2O3 supported 
on SiO2 decreased due to the formation of iron silicates. The effect from the interaction 
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between CuO or Fe2O3 and Al2O3 was found to be negligible due to the high reducibility of 
the formed complexes.  
Chuang et al [66] prepared oxygen carriers with 20 - 100 wt.% CuO supported on Al2O3 by 
mechanical mixing, wet impregnation and co-precipitation. It was found that oxygen 
carriers prepared by the mechanical mixing and wet impregnation methods exhibited low 
CO2 yield due to agglomeration and sintering. The underlying cause was due to the 
ineffective dispersion of CuO throughout the particles. On the other hand, the co-
precipitated oxygen carriers performed much better after 18 redox cycles and showed no 
sign of agglomeration. It was also found that the preparation pH (~ 9.7) was the most 
significant factor that affected the carrying capacity.  
The aim of the research described in this chapter was to develop suitable Cu-based oxygen 
carriers supported on Al2O3 by the co-precipitation method similar to the work by Chuang 
et al. A new Cu-based oxygen carrier also supported on Al2O3 was developed which 
employed a similar concept to the co-precipitation method, but under different 
precipitating conditions. Comparisons were made between both sets of carriers based on 
the characterisation techniques employed in the following sections. The performance of the 
oxygen carriers was investigated in the following chapters. Copper oxide was chosen due 
to its relatively low cost, low toxicity and most importantly due to its high transport 
capabilities (ROC = 0.2) and excellent chemical stability. 
5.2 Theory 
Co-precipitation as defined by IUPAC [97] is the simultaneous precipitation of a normally 
soluble component with a macro-component from the same solution by the formation of 
mixed crystals. These crystals are formed either by adsorption, occlusion or mechanical 
entrapment. Chuang et al [66] and de Diego et al [59] conducted two previous studies 
which employed the co-precipitation method for the development of oxygen carriers. 
Analysis of the possible species formed as a function of preparation pH has not been taken 
into account. With the help of an equilibrium calculation program, MEDUSA [98], and the 
concentrations used by Chuang et al, the speciation diagrams of the predominant species 
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and the effect on pH were modelled. The limitation of this program and other programs is 
that they do not take into account the inter-dissolution of any formed solid species.  
The two main scenarios modelled were the influence of pH on the fraction of species 
formed and solubility of the predominant species. The two precipitation agents used in the 
modelling were Na2CO3 [66] and NH4OH and CO3
2-
 (CO3
2-
 supplied from the dissolution 
of CO2(s) in H2O).  
Co-precipitation with Na2CO3: Shown in Figure 5.1 
Co-precipitation with NH4OH: Shown in Figure 5.2 
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Figure 5.1 MEDUSA speciation results for the effect of pH on the mass fraction of predominant 
species (a) Cu
2+
 (b) Al
3+
 (c) Na
+
 (Precipitation using Na2CO3).  
a 
b 
c 
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Figure 5.2 MEDUSA speciation results for the effect of pH on the mass fraction of predominant 
species (a) Cu
2+
 (b) Al
3+
 (c) NH3 (Precipitation using NH4OH) 
a 
b 
c 
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Effect of pH on Solubility 
 
 
Figure 5.3 MEDUSA solubility result as a function of solution pH (a) Na2CO3 (b) CO2 + NH4OH 
From the results shown in Figure 5.1 and Figure 5.2, Cu
2+
 and Al
3+
 begin to precipitate at 
pH > 3, and from Figure 5.3 the maximum solubility attained ranged between pH 5.5 and 
pH 13.0, using Na2CO3 and NH4OH as precipitating agents. The main copper species 
formed is a mixture of copper carbonate (CuCO3) and hydroxides (Cu(OH)2), and 
aluminium hydroxide (Al(OH)3) is the only possible Al-containing solid species formed. 
a 
b 
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One other point worth noting is that the solubility of Cu
2+
 increases in NH3 solution and 
from Figure 5.2 (c), this will most certainly occur at pH > 6.  
5.3 Experimental  
5.3.1 Co-precipitation with Na2CO3 
This method was based on the work of Chuang et al [66], but some parameters like the 
initial concentration and number of precipitate wash cycles were varied. The following are 
the preparation steps. 
i. Three solutions of 1.5 M Cu(NO3)2, 1.0 M Al(NO3)3 and 2.83 M Na2CO3 were 
prepared. 
ii. Based on the final wt.% desired (see Appendix B for calculations), the appropriate 
volumes of [Cu
2+
] and [Al
3+
] solutions were mixed in a 2 L beaker. 
iii. Excess Na2CO3 solution was added to the solution in (ii) whilst the pH was 
measured. 
iv. At pH ~ 9, the mixture was stirred magnetically for 2 min (level 3) before it was 
filtered. It was also observed that the total amount of Na2CO3 solution needed to 
fully precipitate the solid compounds was equal to the sum of both [Cu
2+
] and 
[Al
3+
] nitrate solutions plus an additional 5 – 20 % excess volume. 
v. The precipitates were collected and mixed with distilled water in a 2 L beaker at an 
approximate ratio (water:precipitate) of 3:1. The precipitate was allowed to settle 
and the liquid above, which contained excess Na
+
, was decanted off. This washing 
step was repeated until the excess Na
+
 was removed, as confirmed by using a 
conductivity meter to ensure that the conductivity of the liquid was similar to that 
of distilled water. This process was found to be equivalent to 8 wash cycles with 2 
L of distilled water (i.e. 24:1). 
vi. The washed precipitate was filtered and dried in an oven at 120 oC for 12 hrs. (or 
overnight). 
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vii. After drying, the precipitate was ground using a hammer mill and sieved to 
different size ranges (< 90 μm, 90 – 710 μm, > 710 μm) before they were roasted in 
a furnace (Carbolite) at 950 
o
C for 2 hrs. 
viii. The final products were sieved to the final size fractions [90 -150μm, 150 – 355 
μm, 355 – 500 μm and 500 – 710 μm].  
5.3.2 Co-precipitation with NH4OH and CO2(s) 
This method was developed to eliminate the use of Na. This also resulted in reducing the 
overall preparation time, in particular that of the washing step. Figure 4.10 shows the 
experimental set-up used and the following are the preparation steps 
i. About 6 g dry ice was dissolved in 50 mL of distilled water in a 1 L beaker (a 
decrease in pH was observed) whilst the solution was constantly stirred 
magnetically.  
ii. After 2 min, the appropriate volume ratios of [Cu2+] and [Al3+] solutions were 
added to the solution in (i) and stirred for an additional 2 min. 
iii. The pH controller was switched on and the NH4OH [0.35 M] solution in the 
syringe pump was added until the set pH (~ 6) was reached. 
iv. The mixture was stirred for a further 2 minutes, before it was filtered.  
v. The precipitate was washed with distilled water (similar to v in the previous 
method). The maximum number of wash cycles used was 2 which was 6 times less 
than the method using Na2CO3. 
vi. The washed precipitate was filtered and dried in an oven at 120 oC for 12 hrs. (or 
overnight). 
vii. After drying the precipitate was ground in a hammer mill and sieved to different 
size ranges (< 90 μm, 90 – 710 μm, > 710 μm) before they were roasted in a 
furnace at 950 
o
C for 2 hrs. 
viii. The final products were sieved to the final size fractions [90 -150μm, 150 – 355 
μm, 355 – 500 μm and 500 – 710 μm].  
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Table 5.1 Summary of main reagents used 
Cu
2+
 Al
3+
 CO3
2-
 
Cu(NO3)2 – 1.5 M Al(NO3)3 – 1.0 M 
Na2CO3 – 2.83 M 
CO2 – (~ 6 g/50 mL) 
NH4OH – (0.35 M) 
Notation designated for prepared oxygen carriers 
Cu60Na
Active metal loading
(60% CuO on Al2O3)
Active metal oxide
(CuO)
Precipitating agent
(Na – Na2CO3) or
(NH – NH4OH)
 
Table 5.2 Summary of main oxygen carriers studied (** represents earlier experiments)  
Sample Sample ID Copper Loading [%] Ppt Agent  
1 Cu40Na 40 
Na2CO3 
2 Cu60Na 60 
3 Cu75Na** 75 
4 Cu80Na 80 
5 Cu80NH** 
80 NH4OH + CO2(s) 
6 Cu80NH 
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5.4 Characterisation of samples 
5.4.1 Density analysis 
The skeletal volume and density were determined by gas pycnometry with helium (He) as 
the diffusing gas. The instrument used was the Micromeritics gas displacement density 
analyser (AccuPyc 1330 Gmbh). The envelope volume and density were determined by the 
displacement of a dry medium ( ryFlo, d < 120 μm – Micromeritics) around the sample. 
The instrument used was the GeoPyc Envelope Density Analyser (GeoPyc 1360 – 
Micromeritics Gmbh).  
The values obtained for the different oxygen carriers (dp = 150 – 710 μm) are summarized 
in Table 5.3: 
Table 5.3 Measured particle volumes and densities [±0.5%] 
Sample/Copper loading Density, ρs & [ρE][g cm
-3
] Volume, Vs [VE] [cm
3
 g
-1
] 
Cu40Na (40 wt.%) 4.1211 [0.6897] 0.2159 [1.2776] 
Cu60Na (60 wt.%) 4.6793 [0.4204] 0.4908 [2.5410] 
Cu80Na (80 wt.%) 5.8134 [0.3575] 0.3575 [0.3298] 
Cu80NH** (80 wt.%) 5.5781 [0.1852] 2.1361 [0.4837] 
Cu80NH (80 wt.%) 5.8039 [-] - [-] 
The result obtained in Table 5.3 from the gas displacement analyser was used to obtain the 
envelope density, ρE, and the porosity was estimated as follows [99]. 
Vpore  Venvelope   Vskeletal 5.1 
% Porosity = εs = 
Vpore
Venvelope
   100 
5.2 
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The porosities (ratio of the open pores/voids volume to the envelope volume) obtained 
ranged between 61 – 91 % for the different oxygen carriers. The values are very high 
considering that the densities are relatively high. The reason was that the dry medium did 
not surround some of the particles because complete mixing was not achieved with the 
copper oxide particles. Bearing in mind that the envelope density measurement was 
constantly agitated, the copper oxide particles segregated out on each run. The porosities 
obtained were a combination of both copper oxide – copper oxide packing and copper 
oxide – dry medium packing, hence the high porosity. In order words, this technique used 
for the determination of porosity was not suitable and the significance of high porosity is 
discussed in Chapter 6 and 8.  
5.4.2 Surface area analysis 
Surface area measurements were performed on the main samples prepared using a Surface 
Area Analyser (TriStar 3000 – Micromeritics Gmbh). The Brunauer-Emmett-Teller (BET) 
[100] by nitrogen multilayer adsorption was the method used to evaluate the total specific 
surface area SBET [m
2
 g
-1
]. The Barrett-Joyner-Halenda (BJH) analysis was also employed 
to determine the pore area and specific pore volume using adsorption and desorption 
techniques as well as average pore diameter (4V/A). Pore diameter measurements are 
limited to mesopores and macropores with sizes ranging from 1.7 nm to < 300 nm. 
Particle sizes in the range of 90 – 150 μm, 150 – 355 μm, 355 – 500 μm and 500 – 710 μm 
were analysed for most of the carriers. All particles were first degased under helium at 120 
o
C overnight before they were characterized by the BET and BJH methods. As expected 
(most of the surface area being internal), the surface area did not vary significantly with 
increasing size fraction. The only exception was with the oxygen carriers having 40 wt.% 
copper loading, which had about ~ 6.5 % (maximum observed) variation in surface area 
(SBET = 9.411 [± 0.6] m
2
 g
-1
) for the different size ranges investigated. A summary of the 
surface areas and pore volume are given in Table 5.4 for the main oxygen carriers used in 
this work. 
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Table 5.4 Measured specific surface area and pore volumes 
Sample/Copper loading Surface Area, SBET [m
2
 g
-1
] Pore Volume, Vpore [cm
3
 g
-1
] 
Cu40Na (40 wt.%) 9.4113 0.03795 
Cu60Na (60 wt.%) 14.119 0.04721 
Cu80Na (80 wt.%) 12.506 0.03185 
Cu80NH** (80 wt.%) 3.3216 0.01796 
Cu80NH (80 wt.%) 4.3155 0.01911 
The pore size distribution obtained from the BJH desorption analysis are plotted against 
the pore width for the different oxygen carriers as shown in the following Figures.  
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Figure 5.4 BJH distribution of pore diameters in the freshly prepared samples 
The true particle porosity was readily computed with the information given in Table 5.3 
and Table 5.4 through the use of the pore volume and solid density [101] and given by the 
relation. 
 s = Vpore    s 5.3 
The average pore diameter was calculated from the relation given in the literature [101]  
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rpore = 
2    s
SBET    s
 
5.4 
Table 5.5 Calculated particle porosity and mean pore diameter 
Sample/Copper loading Particle porosity, εs [-] Mean pore diameter, dpore [nm] 
Cu40Na (40 wt.%) 0.156 16.127 
Cu60Na (60 wt.%) 0.221 13.374 
Cu80Na (80 wt.%) 0.185 10.187 
Cu80NH** (80 wt.%) 0.100 21.575 
Cu80NH (80 wt.%) 0.111 17.711 
 
5.4.3 X-ray diffraction (XRD) 
X-ray diffraction (XRD) analyses were carried out on the main samples prepared using an 
X-ray diffractometer (X’Pert Pro PANalytical) operated at 40 kV and 40 mA. XR  is a 
non-destructive technique that reveals detailed information about the chemical composition 
and crystallographic structure of a material. X-ray diffractometers consist of three main 
components: an X-ray tube, sample holder and X-ray detector. X-rays are generated in the 
cathode ray tube by heating a filament to produce the electrons. These electrons are 
accelerated towards the target material by applying a voltage and bombarding the sample 
with more electrons. The electrons attain sufficient energies to dislodge the inner shell 
electrons of the target materials, thereby producing characteristic X-ray spectra with 
wavelengths specific to the target material. The X-rays produced are filtered by foil or 
crystal monochrometers to produce monochromatic X-rays, which are needed for 
diffraction. These X-rays are collimated and directed onto the sample. As the sample 
holder and detector are rotated, the intensity of the reflected X-rays is recorded. When the 
incident X-rays impinging the sample satisfies the Bragg’s equation (nλ=  s nθ), 
constructive interference occurs and a peak in intensity occurs. The detector records and 
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processes this signal and converts to a count rate which can then be output to a data 
acquisition unit [102].  
The samples for analysis were finely ground in a mortar and pestle to < 90 μm and placed 
in the sample holder before being placed in the X-ray diffractometer. X’Pert High Score 
and data viewer were used to identify the crystalline phases and diffraction patterns for the 
samples analysed.  
 
Figure 5.5 X-ray diffractions patterns. Peaks A – CuO (048-1548), peaks B – CuAl2O4 (011-8974) 
and peaks C – Na2Al2O4 (Na2O∙Al2O3) 
Figure 5.5 shows the XRD patterns for the oxygen carriers studied in this work. The 
species present in the samples were identified by matching the detected peaks with peak 
patterns of samples from the X’Pert High-Score database. Most of the peaks corresponded 
to either CuO (A) or CuAl2O4 (B) but Na2Al2O4 (C) was detected with the samples having 
40 and 60 wt.% CuO loading (Cu40Na & Cu60Na). The presence of sodium was initially 
assumed to be as a result of the increased volumes of Na2CO3 and Al(NO3)3 solutions used 
when the oxygen carriers with 40 and 60 wt. % CuO loading were prepared. The oxygen 
carrier having 40 wt.% CuO was prepared again and was washed further (30:1), but 
sodium was still present. The presence of sodium was due to the strong interaction with 
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aluminium, and this interaction became significant as the aluminium content increased. 
With the oxygen carriers having 80 wt.% CuO loading (Cu80Na), no crystalline sodium 
species were detected. Similar XRD patterns were observed with both sets of carriers 
prepared using Na2CO3 (Cu80Na) and NH4OH (Cu80NH). Al2O3 was observed in the 
crystalline form as CuAl2O4.  
5.4.4 X-ray fluorescence (XRF) 
The prepared oxygen carriers were analysed with an X-ray fluorescence (XRF) 
spectrometer (Bruker S4 Explorer). XRF is also a non-destructive analytical technique that 
measures the elemental compositions of bulk materials. X-rays (high-energy, short 
wavelength radiation) are used to dislodge a tightly-held inner electron (lower energy 
level) and causes the atoms to become unstable. The outer electron (higher energy level) 
replaces the missing inner electron and when this happens, energy is released due to the 
decrease in binding energy of the inner electron orbital as compared to the outer one. This 
emitted radiation is of a lower energy than the primary X-rays and is termed fluorescent 
radiation. The fluorescent radiation is characteristic of a transition between specific 
electron orbitals in a particular element and is used to detect the abundance of elements 
that are present in the sample [102].  
The results of the samples analysed are shown in the following figures. No sample 
preparation prior to analysis was required.  
 
Figure 5.6 Typical X-ray fluorescence (XRF) spectrum 
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Table 5.6 XRF analysis for the bulk samples (%)  
Samples/ 
Species detected 
Cu40Na Cu60Na Cu80Na Cu80NH 
CuO 54.62 67.86 84.69 89.95 
Al2O3 39.30 28.50 15.00 8.870 
Na2O 5.790 3.600 - - 
SiO2 0.230 - 0.190 1.030 
CaO 0.067 0.060 0.062 0.100 
Fe2O3 0.035 0.024 0.034 0.043 
The presence of Na2O is confirmed again from the XRF analysis shown in Table 5.6 for 
the Cu40Na and Cu60Na oxygen carriers, but was not observed for Cu80Na.  
5.4.5 Scanning electron microscopy (SEM) 
The surface morphologies of the particles were studied using a scanning electron 
microscope (JEOL JSM-5610LV, LEO FEGSEM-1525 and TM-1000). In this technique, 
the particles are scanned with a high-energy beam of electrons which interacts with the 
atoms on the surface of the particles. Secondary electrons are generated from the resulting 
interactions and are amplified to produce images of the surface morphology or 
composition. The particles were first placed on a sticky piece of graphite disc attached to a 
metal stub. The metal stub with the particles was coated with a layer of gold (or 
molybdenum) in a low-vacuum sputter coater for about 2 minutes. The gold-coated sample 
was placed in the SEM chamber, after which the chamber was evacuated. The images of 
the particles analysed are shown in Figures 5.7 and 5.8.  
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Figure 5.7 SEM images for 40 and 60 wt.% CuO/Al2O3 prepared with Na2CO3 
Cu40Na Cu60Na 
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Figure 5.8 SEM images for 80 wt.% CuO/Al2O3 prepared with Na2CO3 and NH4OH 
One common feature with these samples is the dense nature of the individual particles. For 
the oxygen carriers prepared using Na2CO3, the particles with 40 and 60 wt.% exhibited 
Cu80Na Cu80NH 
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similar surface morphologies, unlike the carriers with 80 wt.% CuO which appeared 
consolidated and uniform. One possible reason could be the presence of sodium in the final 
sample as confirmed from the XRD profiles. The oxygen carriers prepared using NH4OH 
as shown in Figure 5.8 appeared to be made up of clusters of CuO grains deposited on 
what looked like a highly dense support. These CuO grains appeared larger in the carriers 
prepared using NH4OH than in the carriers prepared using Na2CO3, and this was attributed 
to the mechanism of precipitate formation and adhesion, and the influence of the 
precipitating reagent. 
5.4.6 Transmission electron microscopy (TEM) 
In addition to the SEM images, further analysis was carried out to determine the shape, 
size and distribution of the individual grains in a particle at a nanometre scale. The study 
was carried out using a Transmission Electron Microscope (JEOL TEM-2000FX). TEM 
operates on the same principles as light microscopy, but uses electrons rather than light to 
obtain the image. TEM is capable of imaging at very much higher resolution than light 
microscopy due to the small de Broglie wavelength of electrons. In this technique, beams 
of electrons are transmitted through an ultra-thin specimen and upon transmission, the 
electrons interact with the specimen. An image is formed from the interaction between the 
electrons and specimen and detected by a sensor (CCD camera or magnified and focused 
on an imaging device).  
The particles for analysis were first finely ground using a mortar and pestle and placed in a 
specimen bottle. A very small amount was mixed with water after which a suction syringe 
was used to draw out a droplet containing the dispersed fine particles. This droplet was 
placed on the TEM sample support mesh (holey carbon copper grid with a 300 mesh size) 
and was placed flat in a small bore in the sample holder. The sample holder was a long 
cylindrical rod which was inserted into the TEM goniometer through the side entry port. 
The sample holder is fitted with an orientation and switching pin which triggers a micro 
switch that initiates the evacuation of the airlocks. The sample holder is also fitted with 
vacuum rings, which ensure that the system can be maintained under vacuum. The 
resulting images for Cu80Na and NH oxygen carriers are shown in Figures 5.9 and 5.10.  
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Figure 5.9 TEM image for 80 wt.% CuO/Al2O3 prepared with Na2CO3 
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Figure 5.10 TEM image for 80 wt.% CuO/Al2O3 prepared with NH4OH 
The TEM images in Figures 5.9 and 5.10 shows the different crystal shapes and sizes for 
the two sets of oxygen carriers prepared using Na2CO3 and NH4OH. Clearly, the crystals 
for the oxygen carriers prepared using Na2CO3 were more rounded in contrast to the 
carriers prepared using NH4OH. Irrespective of the shapes and sizes, the dark areas 
correspond to the dense phase of CuO which was visible in both sets of oxygen carriers. 
This gave a good indication that CuO was dispersed over the entire particle.  
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5.4.7 Temperature programmed reduction (TPR) 
Temperature programmed reduction (TPR) was used to observe the reducibility of the 
oxygen carriers under different reducing conditions. The two TPR methods used were the 
evolved gas analysis (EGA) using H2 as the reducing gas and thermo-gravimetric analysis 
(TGA) using CO and CH4 as the reducing gases.  
5.4.7.1 Evolved gas analysis (EGA) 
In this method, ~ 30 mg of the oxygen carriers were loaded into a quartz tube (id = 5 mm) 
and placed in a temperature-controlled tube reactor. 5 vol.% H2 in N2 was the reducing gas 
with a total flowrate of 50 mL min
-1
 and the heating rate was 10 
o
C min
-1
. A thermal 
conductivity detector (TCD) was used to measure the variations of the exhaust gas with 
respect to the reference flow. The H2-TPR pattern for three sets of oxygen carriers are 
presented in Figure 5.11.  
 
Figure 5.11 H2-TPR profile obtained from the EGA method (heating rate = 10 
o
C min
-1
, vH2 = 5 
vol.%) 
The TPR profiles given in Figure 5.11 show a single reduction peak at 436 
o
C for Cu80Na, 
465 
o
C for Cu80NH and 495 
o
C for Cu40Na. The oxygen carrier prepared with Na2CO3 
(Cu80Na) had a reduction peak at a lower temperature than the carrier prepared with 
NH4OH. Since both sets of carriers were prepared at 950 
o
C, the difference in reduction 
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peak temperatures was due to the degree of interaction between CuO-Al2O3. It has been 
reported [103] that the reduction temperature peaks correspond to the availability of 
dispersed CuO. Cu80Na exhibited the least reduction temperature, and this meant more 
CuO was dispersed and available to react readily with the gas.  
5.4.7.2 Thermo-gravimetric analysis (TGA) 
The experimental set-up in Figure 4.8 was used under non-isothermal conditions. The 
sample mass used in the section varied between 5 and 6 mg and the total flowrate of the 
reducing gas was kept at 25 mL min
-1
. The reducing gas concentration was kept constant at 
1 vol.%. The heating rate was kept constant at 10 
o
C min
-1
 and the temperature ranged 
from 35 – 800 oC for CO and 900 oC for CH4. After the sample was loaded onto the pan, 
the reducing gas was switched on and the system was slowly heated. The differential % 
mass change (∆m/∆t) was used to obtain the TPR curves for all the experiments and plotted 
as a function of temperature.  
 
Figure 5.12 CO-TPR profile obtained from the TGA method (heating rate = 10 
o
C min
-1
, vCO = 1 
vol.%) 
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Figure 5.13 CH4-TPR profile obtained from the TGA method (heating rate = 10 
o
C min
-1
, vCH4 = 1 
vol.%) 
In Figure 5.12, the TPR profiles for CO showed two main reduction peaks specifically for 
Cu40Na and Cu60Na samples. The first peak at 235 
o
C corresponds to the reduction of 
CuO   Cu and the second peak at 325 oC corresponds to the reduction of CuAl2O4 
according to the XRD results (Figure 5.5). A third peak at ~ 700 
o
C was also observed only 
for Cu80Na and Cu80NH samples. This point corresponds to the reduction of CuAl2O4 that 
was inaccessible at lower temperatures. Looking closely at the CO-TPR profile for 
Cu80Na in Figure 5.12, one major distinct reduction peak was observed, which appeared to 
be a combination of the two main peaks observed at 235 
o
C and 325 
o
C. The difference in 
reduction peaks for Cu80Na and Cu80NH was ~ 25 
o
C, which is similar to the difference 
obtained in Figure 5.11. Similar results for CO-TPR profiles have also been reported in 
literature [104-106]. Figure 5.13 shows the TPR profiles for CH4 as the reducing gas and it 
is clearly observed that the profiles are influenced by the different reducing gases. The first 
peak observed at 234 
o
C appeared only for the Cu40Na and Cu60Na samples and that 
corresponds to the likelihood of O2 decomposition due to the possible formation of sodium 
peroxide (Na2O2) during the roasting step. This was confirmed by checking the theoretical 
mass of a fully reduced sample before and after that point. The second peak at 625 
o
C 
corresponded to the reduction of CuO for the Cu80Na sample. The third peak in the range 
of 670 – 695 oC corresponds to the reduction of the spinel (CuAl2O4) for the Cu80Na 
samples and reduction of CuO in all the other samples. Two distinct peaks were observed 
for the carriers prepared with NH4OH (Cu80NH), with the second at a much higher 
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temperature (769 
o
C). It shows that the spinel group (CuAl2O4) present in Cu80NH would 
be more difficult to reduce with CH4 than in Cu80Na oxygen carriers. The reduction of 
CH4 is highly favoured with oxygen carriers which had a high fraction of CuO content, as 
they gave the lowest reduction peak temperature (625
 o
C). Based on this analysis, the 
reducing gases follow the order, from low to high peak temperature, CO > H2 > CH4.  
5.5 Discussion 
5.5.1 Influence of pH on the preparation of Cu80NH oxygen carriers 
It is well established from the literature [66] that pH is a factor during the precipitation of 
oxygen carriers with Na2CO3. The precipitation with NH4OH and CO2(s) was also observed 
to be influenced by the pH, as indicated by the filtrates. At a low pH < 4.4 (sample bottles 
2, 1 and 3, see Figure 5.14), the Al
3+
 species were present in the solution and later 
precipitated out at the base of the sample bottle. The light blue colouring was due to both 
Al
3+
 and Cu
2+
 still present in the solution under the conditions used meaning that the total 
mass of CuO and Al2O3 in the final product would be less than the desired amount (i.e. 
rather than having 80 wt.%, ~ 75 wt.% would be present). At pH > 6 (sample bottles 8, 4 
and 6), the dissolution of Cu(OH)2 in NH4OH becomes highly favoured as indicated by the 
progressive dark blue colouring of the filtrate solutions.  
 
Figure 5.14 Influence of pH on the preparation of Cu80NH oxygen carriers 
The optimal condition observed was in the pH range of 4.4 and 6 as shown in Figure 5.14 
(sample bottle 5, 9 and 7). Within this range the loss of Cu
2+
 due to dissolution in NH4OH 
Increasing pH 
3.8 4.0 4.4 5.0 5.7 6.0 6.7 7.3 7.8 
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was minimal, but another critical parameter was the precision of NH4OH addition. With 
the set-up used (shown in Figure 4.10), the pH control was fairly accurate with a flowrate 
of 4000 μL min-1 and guaranteed dropwise addition of the NH4OH solution. In one of the 
earlier experimental trials performed, a fixed amount (similar to previous experiments ~ 13 
mL NH3
+
/50 mL Cu
2+
) of NH4OH solution was added (batchwise) to the Cu
2+
 and Al
3+
 
nitrate solution. This resulted in a dark blue solution indicating the strong effect of the 
method of addition of the NH4OH solution on the process. The final samples had a lower 
surface area (2.3 m
2
 g
-1
) as compared to the final sample prepared by dropwise addition of 
NH4OH solution (4.3 m
2
 g
-1
) and so this method of addition was discarded.  
5.6 Conclusions 
Oxygen carriers prepared by co-precipitation of Cu
2+
 and Al
3+
 nitrate solutions with 
Na2CO3 and NH4OH have been prepared and characterised. Both sets of carriers were 
influenced by pH particularly when NH4OH solution was used. Surface area analysis for 
the samples prepared with Na2CO3 exhibited high specific surface areas due to larger 
internal volumes in the pores, and with pore diameters less than 300 nm. SEM image 
analysis revealed CuO deposited on the surface of the bulk particles for carriers prepared 
with NH4OH and CO2(s). XRD patterns identified the presence CuAl2O4 and CuO, but 
Al2O3 was not detected. Na2Al2O4 was detected with carriers having lower CuO loading, 
but their true effects were not observed during this stage. TEM images revealed different 
shape and sizes from spherical to cylindrical to spike-like for the individual grains at a 
nanometre scale. TPR analysis showed the reducibility of all the copper species identified 
from the XRD analysis with the different reducing gases used.  
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Chapter 6 Reduction and oxidation kinetics 
6.1 Introduction 
This chapter investigates the reduction and oxidation kinetics of the oxygen carriers 
prepared in Chapter 5. The aim was to obtain the intrinsic kinetic parameters such as 
reaction order, n, activation energies, EA, and pre-exponential factors, Ao, associated with 
different fuel types and explore possible reaction mechanisms. The reducing gases used 
were carbon monoxide and methane both in nitrogen (N2), whilst oxygen in air was the 
oxidising gas. Most experiments in this chapter were performed in a Thermo Gravimetric 
Analyser (TGA – Model: Q5000IR – TA Instrument Ltd) and few were performed in the 
fixed-bed reactor. Two particle size ranges each were used in the TGA and fixed-bed, and 
all experiments were performed at a pressure of 1 barG and temperatures ranging between 
300 – 700 oC.  
6.2 Literature review 
The reduction and oxidation kinetics of different Cu-based oxygen carriers have been 
studied by a number of authors. Most kinetic studies have been carried out using a 
Thermo-gravimetric Analyser, whilst ensuring measurements were in a negligibly mass 
transfer controlled regime. Other systems such as fluidised bed and fixed bed reactors have 
also been used for kinetic studies with measures in place to help reduce the effect of mass 
transfer limitations [42]. CO, H2 and CH4 are the main fuel gases used for most reduction 
kinetic studies and O2 is the main gas used for the oxidation kinetics.  
The main kinetic parameters of interest are the reaction order, n, and activation energy, EA, 
together with the pre-exponential factor, and these parameters are very useful, particularly 
for kinetic modelling and plant scale-up. The influence of gas concentration and reaction 
temperature on the reaction rate is adequately predicted from the kinetic parameters, but 
will depend on the type of fuel gas used. The reaction orders obtained for Cu-based oxygen 
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carriers, with CO as the fuel, ranged between 0.7 – 1 [33, 84, 107-110]. The activation 
energies ranged between 11 – 52 kJ mol-1 for reduction of CuO  Cu, CuO  Cu2O, and 
Cu2O  Cu. The reaction orders and activation energies, obtained when H2 was used as a 
fuel, ranged between 0.4 – 1 and 20 – 62 kJ mol-1, and also includes the different oxidation 
states, Cu2O and Cu [33, 84, 107, 110-112]. Using CH4 as fuel, reaction orders obtained 
were between 0.4 – 0.5 and the activation energies were between 60 and 106 kJ mol-1 [33, 
84]. For the oxidation reaction of Cu-based oxygen carriers, reaction orders of ~ 1 (unity) 
were obtained and the activation energies ranged between 15 – 60 kJ mol-1, from high (> 4 
vol.%) to low (< 3 vol.%) O2 concentration, and includes oxidation of Cu2O  CuO [84, 
113].  
Chuang et al [108] had established that co-precipitated carriers of CuO/Al2O3 (dparticle = 
355 – 500 μm) were mainly controlled by external mass transfer at temperatures above 500 
o
C in a fluidised bed, and their work found a reaction order of ~ unity. Miro et al [114] 
showed that the reduction rate of copper mordenite with CO had a second order 
dependence on the copper oxide concentration and was first order with respect to CO. It 
was also observed that at temperatures > 250 
o
C, the reduction reaction was affected by CO 
diffusion into the pores of the sample. There was also an induction period which was 
attributed to a nucleation mechanism during the reduction step. With respect to the 
mechanism, Wang et al [115] concluded that the reducibility and susceptibility of change 
of CuO oxidation states depended on the rate of withdrawal of surface lattice oxygen. This 
rate was enhanced readily when the gas concentration of CO was increased. This was also 
confirmed in an earlier work by Plewa and Skrzypek [116]. The reduction of CuO by CO 
and oxidation of Cu by O2 was generally agreed to obey the redox mechanism [115]:  
[CO](g) + [O] ● s  [CO2](g) + [ ] ● s  (r.d.s) 
[O2](g) + [ ] ● s  2[O] ● s  (fast) 
[O] ● s represents the surface lattice oxygen and [ ] ● s is a surface vacant lattice site on 
the metal oxide surface. The rate of oxygen withdrawal was concluded as being the rate 
determining step for the reduction reaction with CO [115]. Wang et al [117] performed 
some TPR and Time-Resolved X-ray Spectroscopy to study the reduction mechanism of 
CuO and CO. In-situ measurements showed two reaction pathways for the reduction of 
CuO  Cu: 
116 
 
Pathway 1    
CuO  Cu (under large supply of CO – high concentrations and flowrates) 
Pathway 2  
CuO  Cu2O  Cu (under limited supply of CO – low [CO] and low flowrates) 
Chuang et al [108] also confirmed the existence of two reaction pathways for the reduction 
of CuO with CO. Visual observation of a cross-sectional view of partially reduced samples 
showed three distinct regions, which corresponded to the different oxidation states of 
copper (black – CuO/CuAl2O4, yellow – Cu2O and red – Cu). The same reaction pathways 
were observed for the oxidation reaction step and the reaction proceeded via the shrinking 
core mechanism [113]. The kinetics and mechanism of copper oxidation was studied by 
Mrowec and Stoklosa [118] over a temperature and pressure range of 900 – 1050 oC and 5 
× 10
-3
 – 1 atm. It was observed that at pressures lower than the dissociation pressure of 
CuO, an oxide layer of Cu2O was formed initially on the surface and preceded by an 
outward metal diffusion due to the growth and formation of Cu2O.  
The reaction stages for most gas-solid reactions are very similar, but the rate-limiting steps 
can vary significantly depending on the experimental conditions and choice of materials 
used. In addition, the creation of more reactive sites on the surface as a reaction progresses 
can lead to an autocatalytic effect which is prominent with most metal oxide reactions. An 
essential step for any candidate oxygen carrier is to determine the kinetic parameters and 
understand the possible mechanisms under the conditions where chemical reaction is rate 
controlling. 
6.3 Experimental 
Most of the experiments in this section were performed in the TGA, and the set-up is 
shown in Figure 4.8. A total flowrate of 3.8 mL s
-1
 (230 mL min
-1
) was used for the 
reduction reactions and 2.5 mL s
-1
 (150 mL min
-1
) was used for the oxidation reactions. 
These flowrates were the maximum attainable by the TGA system and rotameter. The 
sample mass was kept constant at 2.6 mg (± 0.1 mg) for all experiments carried out in the 
TGA because variation in mass affected the reaction rates. In order to ensure consistency, 
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the heating rate (ramp-up) for the reduction reaction was fixed at 40 
o
C min
-1
 and cooling 
rate (ramp-down) was fixed at 50 
o
C min
-1
. All the heating and cooling steps were under 
nitrogen. The reduction and oxidation reactions were studied under isothermal conditions, 
else stated. At the set temperature the system was given an additional 30 s to stabilise 
before the fuel gas was introduced (CO + N2). For the oxidation reaction, the oxygen 
carriers were first reduced with 10 vol.% CO at 700 
o
C before they were oxidised at a set 
reaction temperature and gas concentration. This ensured all the oxygen carriers were at 
similar conditions before the oxidation commenced. For experiments performed in the 
fixed-bed reactor, the sample mass was kept at 20 mg and total flowrate used was 75 mL s
-
1
, similar to conditions used in the literature [108]. The reactor was operated as a 
differential reactor and the system pressure was kept constant, in both cases, at 1 barG. A 
summary of the oxygen carriers investigated is given in Table 6.1. 
Table 6.1 Summary of experiments performed in the TGA and Fixed-Bed 
Experimental 
set-up 
Particle size 
Oxygen 
carriers tested 
Fuel Used Temperature 
Reduction 
TGA 
90 – 150 μm 
Cu40Na 
Cu60Na 
Cu80Na 
CO (3.5 – 10 
vol.%) 
CH4 (3.5 – 10 
vol.%) 
300 – 700 oC 
550 – 700 oC 
150 – 355 μm 
Cu80Na 
Cu80NH 
FBR Cu80Na CO (5 vol.%) 250 – 700 oC 
355 – 500 μm 
Oxidation 
TGA 
90 – 150 μm 
Cu80Na 
O2 (4.2 – 21 
vol.%) 
400 – 700 oC 
150 – 355 μm 
Cu80NH 
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6.3.1 Data evaluation 
The reduction of copper oxide with carbon monoxide and methane, and the oxidation with 
oxygen are given by the equations below 
CuO(s) + CO(g)  CO2(g) + Cu(s)       (R6.1) 
∆Gθ900 K = − 129.6 k  mol
-1; ∆Hθ900 K = − 131.6 k  mol
-1
 
4CuO(s) + CH4(g)  CO2(g) + 2H2O(g) + 4Cu(s)     (R6.2) 
∆Gθ900 K = − 501.3 k  mol
-1; ∆Hθ900 K = − 194.6 k  mol
-1
 
Cu(s) + ½O2(g)  CuO(s)        (R6.3) 
∆Gθ900 K = − 74.8 k  mol
-1; ∆Hθ900 K = − 151.3 k  mol
-1
 
The data obtained from the PC were exported to MS Excel using a Universal Analysis 
software (UA 2000 - TA Instruments). In addition, a series of MatLab codes were written 
and used to estimate the conversion of the solid and reaction rates for both the reduction 
and oxidation reactions. Examples of the reduction and oxidation mass change profiles are 
given in Figure 6.1.  
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Figure 6.1 Typical mass and temperature profiles from the TGA (a) reduction with CO - i (b) 
reduction with CO - i, cooling under N2 – ii, and oxidation with O2 in air – iii  
The conversion of the oxygen carrier during the reduction and oxidation step was defined 
by [59, 84]:  
 red  
m      m
m      mt
 
6.1 
 red  1   
m      m
m      m   
 
6.2 
where mt is the mass of the fully reduced particle based on the theoretical amount of 
oxygen available and normalised CuO loading content (%). The theoretical mass was 
120 
 
determined from the relative molecular masses for CuO and Cu and was calculated as 
follows: let C, fraction of a fully reduced sample, be defined as 
C = ((
RMMCu
RMMCuO
)     CuO loading)  + (1    CuO loading) 
6.3 
The theoretical mass, mt, was then defined as 
mt = C   m    6.4 
The reaction rates [mol (g s)
-1
] for the reduction and oxidation was defined as (differential 
method for analysis): 
 r = (
1
(   CuO   60)
) ∙
d red
dt
 
6.5 
 o = (
1
(   Cu   60)
) ∙
d oxi
dt
 
6.6 
 
Figure 6.2 Typical solid conversion and reaction rate profiles from the TGA (Cu80NH, dp = 150 – 
355 μm, T = 300 oC with CO) 
Figure 6.2 shows the typical conversion-time and rate-time profile from the TGA. Two 
maxima were observed which would indicate two processes. The first corresponds to the 
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reaction on the surface of the particle, whilst the second corresponds to reaction in the bulk 
particle as a result of diffusional resistance. rmax corresponds to the maximum rate under 
conditions where chemical reaction is rate controlling and the intrinsic kinetic parameters 
were determined at this point. The reaction rates obtained from the fixed-bed reactor were 
based on the measured evolution of CO2 (measured using the gas analyser). The initial 
maximum rate, rmax, similar to Figure 6.2 and shown in Figure 7.5 was used to determine 
the intrinsic parameters.  
6.4 Results 
6.4.1 Parameters affecting measurement of kinetics 
There were a number of factors which could affect the measurement of kinetics with the 
TGA and Fixed-Bed reactor. The most significant are discussed in the following sections.  
6.4.1.1 Effect of sample mass and particle size 
The sample mass used in the fixed bed was 0.02 g (20 mg) similar to the amount used in 
literature [108]. The sample mass used in the TGA had a significant effect on the 
measurements. The measured reaction rates increased with decreasing sample mass and 
this problem was intrinsic to the TGA measurement system. Under the same gas flowrate, 
the rate of mass change for a 2 mg batch of sample will be higher than the rate of mass 
change in a 3 mg batch. The overall effect resulted in a faster rate of mass change as the 
sample mass decreased. In order to eliminate this effect, the sample mass was kept 
relatively constant at 0.0026 g (2.6 ± 0.1 mg) for all kinetic measurements performed in the 
TGA. Buoyancy effects were also taken into account and sample masses < 2 mg were not 
adequate due to the high sensitivity of the balance in the TGA at high gas flowrates. The 
sample sizes used for all kinetic measurement were < 500 μm (90 – 355 μm in TGA and 
150 – 500 μm in the fixed-bed). Of course, to fully eliminate all mass-transfer effects in the 
TGA would require curves such as those in Figure 6.3 to be drawn for every proposed set 
of experimental conditions, with extrapolation to zero mass. However, useful information 
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regarding reaction order and activation energy can still be obtained if it is assumed that the 
mass transfer limitations are the same for each experiment and the same mass is used in 
each. It is understood that this is a potential source of error in any TGA-based 
measurement.  
 
Figure 6.3 Influence of sample mass on the reaction rates for experiments carried out in the TGA 
(CuO + 10 vol.% CO, ♦ 150 mL min-1, □ 230 mL min-1, dp = 90 – 150 μm) 
6.4.1.2 Effect of gas mixing and gas concentration 
The effect of gas mixing could affect the measurement of the reaction rates particularly for 
experiments carried out in the fixed-bed reactor. Gas mixing effects in the TGA were 
neglected due to the small size of the reaction chamber (horizontal length ~ 15 mm, id ~ 5 
mm), coupled with the high gas velocity over the samples. Also, the mean residence time 
based on the length and diameter and with a total flowrate of 230 mL min
-1
 was 0.076 s. 
With respect to the fixed-bed, the set-up shown in Figure 4.4 was used and the 
corresponding step functions are shown in Figure 6.4.  
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Figure 6.4 Step functions for the reactor system used for kinetic studies in the fixed-bed (Qtotal = 70 
mL s
-1
, vCO = 5 vol.%) 
As shown in Figure 6.4, the effect of gas mixing was negligible provided the reaction times 
were > 10 seconds. This ensured more than 80 % of the gas reached the particles in the bed 
(which was operated as a differential reactor). Measurements of reaction rates will not be 
significantly affected by gas mixing within the system and the measured rate corresponds 
to the true intrinsic rate under the reaction control regime. The gas concentration used also 
played a role in influencing the measurements of reaction rates, because the response of the 
gas analyser was not fast enough to measure the changes in the gas composition. 
Preliminary experiments indicated that gas concentrations ≤ 5 vol.% were adequate to 
measure the reaction rates up to 700 
o
C because the reactions were relatively slow. For 
temperatures > 700 
o
C, the gas concentrations had to be much lower to ensure the reaction 
times were increased. The maximum temperature and concentration used for all the kinetic 
studies in in the fixed-bed reactor were 700 
o
C and 5 vol.% CO. 
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Figure 6.5 Influence of gas concentration on the measurement of reaction rates with the IR gas 
analyser in the fixed-bed (▲ 5.3 vol.% & □ 5 vol.% CO with dp = 355 – 500 μm, ◊ 5 vol.% CO 
with dp = 150 – 355 μm) 
6.4.1.3 Influence of rate of external mass transfer, rext 
To ascertain the influence of the rate of external mass transfer, the measured rates were 
compared with the calculated theoretical rates. The rate of external mass transfer, rext [mol 
(g s)
-1
], of e.g. CO, to a single particle of oxygen carrier was given by 
 ext   g m( A    As) 6.7 
kg [m s
-1
] is the external mass transfer constant, Sm [m
2
 g
-1
] is the geometric surface area 
per unit mass of the oxygen carrier and CA and CAs are the bulk and surface gas 
concentrations [mol m
-3
]. Sm is a function of the external surface area of a carrier particle, 
Sext [m
2
/particle], and mass of a single carrier particle, mparticle [g/particle]. The external 
mass transfer rate constant was obtained from the Sherwood number, NSh, which was 
calculated using the Ranz and Marshall correlation found in the literature [119].  
 Sh = 2εb + 0.69 Sc
1 3⁄
 Re
1 2⁄
 6.8 
 Sh  
 gdp
 AB
 
6.9 
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The Reynolds number, NRe and Schmidt number, NSc are defined by  
 Re  
υdp
ν
 
6.10 
 Sc  
ν
 AB
 
6.11 
ν is the kinematic viscosity [m2 s-1] and is defined as the ratio between the gas viscosity 
and density, μg/ρg. The values for the gas densities and viscosities were obtained from 
literature [120]. υ [m s-1] is the superficial gas velocity over the particles, dp [m] is the 
particle diameter and DAB [m
2
 s
-1
] is the molecular diffusivity of a binary gas mixture (e.g. 
CO in N2), calculated from the Chapman-Enskog kinetic equation (see Appendix C for 
calculations) [78, 121, 122]. For particles of oxygen carriers in the size range 150 – 355 
μm, m ~ 2.137 × 10-5 g/particle, Sm = 7.83 × 10
-3
 m
2
 g
-1
. At 700 
o
C and [CO] = 5 vol.% CO 
in N2, CA = 0.62 mol m
-3
, DAB = 1.35 × 10
-4
 m
2
 s
-1
, εb = 0.36 (bed voidage in the fixed-bed 
was incorporated into Equation 6.8 [108, 123, 124]), NRe = 0.32, NSc = 0.87, giving NSh = 
1.09 and kg = 0.64 m s
-1
. This gave rext = 3.2 × 10
-3
 mol (g s)
-1
 which was larger than rexp = 
8.3 × 10
-4
 mol (g s)
-1
. Figure 6.6 shows the logarithmic plot comparing the maximum 
reaction rate and the rate of external mass transfer against 1/T for the reduction of CuO by 
5 vol% CO in the size range 150 – 355 and 355 – 500 μm.  
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Figure 6.6 Comparison between the calculated external mass transfer rate and the experimental 
maximum rate of reaction for 5 vol.% CO in N2.(■ theoretical values, □ experimental values) 
Figure 6.6 clearly shows that the rate of external mass transfer influences the measured 
reaction rates, but did not control the overall rate. In other words, the reactions of particles 
with sizes less than 355 μm were only mildly affected by the rate of external mass transfer. 
With a decrease in particle size, the difference between the measured rates and theoretical 
rates due to external mass transfer increased. The effect of external mass transfer is 
included in the subsequent analysis.  
6.4.1.4 Oxygen carrier decomposition 
Preliminary experiments indicated that the decomposition of CuO   Cu2O began at 
temperatures greater than 700 
o
C while heated under N2 at a flowrate of 25 mL min
-1
. 
Carbon monoxide and oxygen were not used in this section. The decomposition analysis 
was performed in the TGA and generally followed a series of simple temperature 
programmed steps. Once at a constant temperature, e.g. at 200 
o
C, the system was 
maintained isothermally for 10 minutes afterwards the temperature was increased. This 
temperature increase was repeated after every 100 
o
C until 700 
o
C, above which the step 
temperature increase was after every 50 
o
C until it reached 900 
o
C.  
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Figure 6.7 Decomposition of CuO (Cu80Na - under N2, dp = 150 - 355μm) 
A mass spectrometer was connected to the outlet of the TGA and the peaks measured 
corresponded to the evolution of some form of unbound moisture at a temperature range of 
100 – 180 oC and oxygen in the temperature range of 750 – 900 oC. Visual examination of 
the samples (CuO – black to Cu2O – yellowish brown) also confirmed this fact as shown in 
Figure 6.8.  
 
Figure 6.8 Microscopic images of the different reduced states of copper 
CuO 
Cu2O decomposed 
under N2 
Cu reduced at 700 
o
C 
with 5 vol. % CO 
128 
 
6.4.2 Determination of reaction order, n 
Assuming the reduction (or oxidation) reaction for the gaseous species has a rate equation 
defined by the power law: 
   =  o[ A]
n 6.12 
At a given reaction temperature, the rate of reaction depends on the concentration of the 
gas raised to the power of the order, n. If we recall, the maximum rate as shown in Figure 
6.2, was taken as the initial rate of reaction. The reaction orders for the oxygen carriers 
with different gases were determined by varying the gas concentrations at each temperature 
proposed. Equation 6.12 was simplified further by applying the rules of logarithms and the 
resulting equation now becomes 
ln   = ln  o + n∙ ln[ A] 6.13 
Equation 6.13 has the same form as the equation of a straight line (y = mx + c) and the plot 
of the natural logarithms of initial rate, rmax, and [CA] will give a straight line, with the 
slope corresponding to the reaction order, n. The intercept, c, corresponds to the overall 
rate constant, ko, and was used to determine the other intrinsic parameters in the following 
sections. ko was also determined from Equation 6.12 when the reaction orders were known 
from previous experiments. The typical conversion-time and reaction rate-time profiles are 
given in Figure 6.9. More examples are given in Appendix J.  
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Figure 6.9 Effect of CO concentrations on the reduction reaction for the Cu80NH oxygen carrier (T 
= 600 
o
C) (a) conversion (b) reaction rates 
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6.4.2.1 Reduction with CO 
TGA 
 
Figure 6.10 Plots of rate of reaction per unit mass as a function of concentration and temperature 
[
o
C] for Cu80Na oxygen carriers [90 -150 μm] 
 
Figure 6.11 Plot of rate and CO concentration for the different oxygen carriers (T = 600 
o
C, 
Cu40Na – Cu80Na(a) with dp = 90 – 150 μm, Cu80Na(b) and Cu80NH with dp = 150 – 355 μm) 
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Figure 6.12 Plot of ln rate and ln CO to obtain the reaction orders for the different oxygen carriers 
(T = 600 
o
C) 
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Fixed-bed reactor 
 
Figure 6.13 Plots of (a) rate and CO concentration and (b) ln rate vs ln CO used to obtain the 
reaction orders for the Cu80Na oxygen carriers in the fixed-bed reactor 
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6.4.2.2 Reduction with CH4 
 
Figure 6.14 Plot of rate and CH4 for the different oxygen carriers (T = 700 
o
C, Cu40Na – 
Cu80Na(a) with dp = 90 – 150 μm, Cu80Na(b) and Cu80NH with dp = 150 – 355 μm) 
 
Figure 6.15 Plot of ln rate vs ln CH4 to obtain the reaction orders for the different oxygen carriers 
(T = 700 
o
C) 
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6.4.2.3 Oxidation with O2 
 
Figure 6.16 Plots of rate of reaction per unit mass as a function of concentration and temperature 
(Cu80Na oxygen carriers - fully reduced at 700 
o
C with 10 vol% CO [90 -150 μm]) 
 
Figure 6.17 Plot of ln rate vs ln O2 to obtain the reaction orders for Cu80Na and Cu80NH oxygen 
carriers (T = 600 
o
C) 
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Table 6.2 Summary of reaction orders, n (T ≤ 700 oC) 
Experimental 
set-up 
Particle size CO CH4 O2 
TGA 
90 – 150 μm 
~ 2 ~ 1.5 ~ 0.72 
150 – 355 μm 
Fixed-bed 
150 – 355 μm ~ 1.7   
355 – 500 μm ~ 1   
 
6.4.3 Determination of intrinsic parameters, EA and Ao 
The first step was to determine the overall rate constant, ko, [m
3
 (g s)
-1
] and this value was 
obtained from the slope of the best fit lines passing through the data points in Figure 6.12. 
The overall rate constant will include contributions from both external mass transfer and 
the intrinsic kinetics and is given by [108]:  
1
 o
  
1
η 
s
  
1
 g m
 
6.14 
ks [m
3
 (g s)
-1
] is the intrinsic rate constant and η is the effectiveness factor given by [101, 
125]. 
 η  
3
ϕ
(
1
tanh ϕ
   
1
ϕ
) 
6.15 
ϕ is the Thiele modulus and the generalized form was used for reactions with orders > 1. 
 ϕ  
dp
6
√
(n  1)
2
 vCAs
n  1
 eA
 
6.16 
kv [s
-1
] is the intrinsic volumetric rate constant and is given as the product of ks and mv [g 
m
-3
], which is the mass per unit volume of the carrier. DeA [m
2
 s
-1
] is the effective 
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diffusivity of gas within the pores of the oxygen carriers and takes into account the gas 
permeability and diffusion path, and was approximated by [101, 108, 125]. 
 eA  
εs
  
 P 
6.17 
Dp is the pore diffusivity and is a function of the Knudsen, DK, and Molecular, DAB, 
diffusivities. εs and  p are the particle porosity and tortuosity. Values for εs are given in 
Table 5.5 and  p was assigned a value of 2 with respect to the porosity [78, 101].  
1
 P
  
1
  
  
1
 AB
 
6.18 
    97rpore√
T
RMM
 
6.19 
Values for rpore were also given in Table 5.5. In order to determine kv, η s was obtained 
from Equation 6.14 and divided by an initial guess of η to obtain ks. ks was multiplied with 
mv and substituted into Equations 6.16 and Equation 6.15 to obtain iteratively the actual 
value of η. The iterative procedure was performed using the Solver function in MS Excel. 
The MS Excel spreadsheet used to determine the values is given in Appendix D. The 
values of kv were plotted as a function of temperature and the activation energies and pre-
exponential factors were obtained from the slope and intercept respectively.  
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6.4.3.1 Reduction with CO 
 
Figure 6.18 Arrhenius plot for the chemical reaction rate constant for the reduction of different 
oxygen carriers with CO in the TGA (minimum and maximum values shown)  
 
Figure 6.19 Arrhenius plot for the chemical reaction rate constant for the reduction of Cu80Na 
oxygen carriers with CO in the fixed-bed 
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Figure 6.20 Effectiveness factors obtained for oxygen carriers reduced with CO  
6.4.3.2 Reduction with CH4 
 
Figure 6.21 Arrhenius plot for the chemical reaction rate constant for the reduction of different 
oxygen carriers with CH4 in the TGA (minimum and maximum values shown) 
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6.4.3.3 Oxidation with O2 
 
Figure 6.22 Arrhenius plot for the chemical reaction rate constant for the oxidation of Cu80Na and 
Cu80NH oxygen carriers with O2 in the TGA 
Table 6.3 Summary of activation energies, EA in kJ mol
-1
 (T ≤ 700 oC) 
Experimental 
set-up 
Particle size CO CH4 O2 
TGA 
90 – 150 μm ~ 20 ~ 140 ~ 14 
150 – 355 μm ~ 28 ~ 159 ~ 20 
Fixed-bed 
150 – 355 μm ~ 30   
355 – 500 μm ~ 37   
 
The effectiveness factors for Cu80Na carrier in the size range 90 – 150 μm, 150 – 355 μm 
and 355 – 500 μm were between 0.94 – 0.71, 0.82 – 0.36, and 0.4 – 0.07 respectively at 
temperatures ranging from 300 
o
C to 700 
o
C.  
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6.4.4 Kinetic models 
The data from the TGA experiments were tested using available gas-solid/solid-state 
reaction models to determine the reaction mechanisms. Many solid-state models have been 
proposed and categorised by their underlying mechanistic assumptions or conversion 
versus time (X – t) shapes [126]. The most generally cited kinetic models [126-131] are 
classified into three groups that interpret the diffusion-controlled, phase boundary-
controlled and the nucleation growth models. In order to categorize the experimental 
results, the general expression for isothermal reactions (Sharp-Hancock [132]) by curve 
analysis was used. The method is based on the Avrami-Erofe’ev generalised equation 
describing nucleation and growth processes [128, 133].  
   = 1   exp(  tm) 6.20 
ln ( ln(1    ))  ln   m ln t 6.21 
The plot of Equation 6.21 yields straight lines similar to the plots of Equation 6.13 and it 
corresponds to reactions which follow the same mechanism. m and β represents the slope 
and intercept respectively, and the value of m was used as a diagnostic tool to determine 
the reaction mechanisms. A summary of some solid-state rate models is given in Table 6.4 
[128, 129]. 
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Table 6.4 Solid-state rate expressions for different reaction models 
Reaction Mechanism Integrated form [g(X)] Eq. no. m 
1D diffusion X
2
 = kt 
6.22 
0.62 
2D diffusion (1 – X)ln(1 – X) + X = kt 
6.23 
0.57 
3D diffusion (Jander Eq.) [1 – (1 – X)1/3]2 = kt 6.24 0.54 
3D diffusion (Ginsten-
Brounshtein Eq.) 
1 – 2X/3 – (1 – X)2/3 = kt 6.25 0.57 
1
st
 order (unimolecular decay 
law) 
– ln(1 – X) = kt 6.26 1.00 
Phase-Boundary Controlled 
(contracting cylinder) 
1 – (1 – X)1/2 = kt 
6.27 
1.11 
Phase-Boundary Controlled 
(contracting sphere) 
1 – (1 – X)1/3 = kt 6.28 1.07 
2D growth of nuclei [– ln(1 – X)]1/2 = kt 6.29 2.00 
3D growth of nuclei [– ln(1 – X)]2/3 = kt 6.30 3.00 
In addition to the solid-state models, different gas-solid kinetics models were employed to 
ascertain how the initial rate depended on the gas concentration at a fixed temperature. The 
following models, most of which were based on the Langmuir-Hinshelwood rate 
expressions, were tested [125, 134, 135]. 
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Table 6.5 Proposed gas-solid kinetic models and mechanisms 
Model Mechanism Rate expression Eq. no. 
LH1 Molecular chemisorption (MC) 
[A](g)  [A]ads  [A]ads ● s 
r = α1[CA]/(1 +  1[CA]) 6.31 
LH2 Dissociative chemisorption (DC) 
[A2](g)  2[A]ads 2[A]ads ● s 
r = α2( 2 [CA])
1/2
/(1 + 
( 2 [CA])
1/2
) 
6.32 
FD Freundlich Isotherm r = α3[CA]
 3
 
6.33 
ER1 Eley-Rideal (MC) – Surface reaction 
[A](g) + [B]ads ● s  [P](g) + s
-
 
r = α4[CA]
2/(1 +  4 
[CA]) 
6.34 
ER2 Eley-Rideal (DC) 
[A2](g) + 2[B]ads ● s  [P](g) + 2s
-
 
r = α5[CA])
3/2/(1 + ( 5 
[CA])
1/2
) 
6.35 
TK Temkin Isotherm r = α6 ln ( 6[CA]) 6.36 
The kinetic models were compared to the experimental results by minimizing the sum of 
the squared residuals i.e. ∑(Xmodel – Xexp)
2
 (or ∑(r_model – r_exp)
2
). αi and βi represents the 
model fitting parameters. The root-mean square deviation (RMSD) was employed as a tool 
to compare the best fit model and was given by [128].  
RMS   √
∑( model     experimental)
2
n   1
 
6.37 
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Figure 6.23 Plots of ln(−ln(1 − X)) and ln t (Equation 6.21) for some reduction reactions. Cu80NH 
at 700 
oC with CO (○) and CH4 (■), Cu80Na at 700 
oC with CO (◊) and at 500 oC (∆) with CO 
 
Figure 6.24 Comparison of experimental data with phase-boundary controlled reaction model 
(Equation 6.27) for reduction with CO at 600 
o
C 
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Figure 6.25 Comparison of experimental data with the phase-boundary control models (Equations 
6.27 & 6.28) for contracting cylinder and sphere 
6.5 Discussion 
6.5.1 Mechanism of reduction of CuO by CO/CH4 
To understand the mechanism of CuO   Cu, the formation of Cu2O was eliminated by 
reducing under high gas concentrations (~ 3.47 – 10 vol.%), and high flowrates. The 
reduction reactions were given sufficient time until no significant mass change was 
observed, and the masses were correlated with the theoretical amount of oxygen available 
for reaction. Also, the decomposition of CuO  Cu2O did not begin until T > 750 
o
C as 
shown in Figure 6.7, and so no kinetic measurements were carried out above 700 
o
C. 
Figure 6.23 show that the solid-state reaction mechanism corresponded to the phase-
boundary control mechanism, i.e. m ~ 1.2 (Equations 6.27 or 6.28 in Table 6.4), for 
reduction with CO and CH4. This meant that nucleation was assumed to be instantaneous 
throughout the surface and the solid-state mechanism was the progression of the product 
layer from the surface to the core of the particle. This mechanism is also synonymous to 
the shrinking core mechanism. To confirm the shrinking core mechanism, the oxygen 
carrier was partially reduced with CO and placed in an epoxy resin. The cross-section was 
viewed under a light microscope and shown in Figure 6.24. Three distinct layers were 
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observed and these correspond to Cu (reddish brown), Cu2O (yellowish brown), and CuO 
(black). The presence of Cu2O was due to the depletion of CO in the particle.  
 
Figure 6.26 Cross-sectional view of partially reduced oxygen carrier with CO at 400 
o
C after 1 min 
(dp = 355 – 500 μm) 
In relation to work by Wang et al [115, 117], and Chuang et al [108], it is assumed that the 
surface of an oxygen carrier is composed of lattice oxygen site of the form Cu
2+
 ─ [O2-] ─ 
Cu
2+
 ─ [O2-] ─ Cu2+ ─ [O2-]. As the reaction progresses, more oxygen sites will become 
available on the next layer after the surface becomes completely exhausted. As the removal 
of lattice oxygen [O] continues, the reaction could become autocatalytic until all the 
oxygen is used up. This effect could lead to the generation of more active sites for the 
adsorption of more reactant gas. The rate-limiting step will therefore be the surface 
reaction between the reactant gas and oxygen present in the lattice site.  
With respect to the gas phase, the Eley-Rideal model (Equation 6.34 and 6.35 in Table 6.5) 
was found to provide the best correlation with the experimental results for reduction with 
CO and CH4. The basis of selection was determined by using the model which had the 
lowest RMSD value (values given in Appendix E). Figure 6.27 shows the different models 
used in comparison with the experimental results. Reduction of CuO by CO was best 
described by Equation 6.34 which involves molecular chemisorption of CO on the surface 
followed by the reaction with [O]ads on the lattice site of the carrier. The derivation of 
Equation 6.34 is as follows: 
The rate of adsorption and desorption of CO on the oxygen carrier surface is given by 
CuO Cu2O 
Cu 
300 μm 
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rads   adsCA(1   θ) 6.38 
rdes   desθ 6.39 
The reaction of CO(g)  CO2(g) for an irreversible reaction at θ is given by 
rsr   srCAθ 6.40 
At equilibrium, the rate of adsorption equals the rate of desorption and the fractional 
coverage θ can be determined as  
 adsCA(1   θ)   desθ 6.41 
θ  
 CA
1  CA
 
6.42 
K is the equilibrium constant defined as kads/kdes. Substituting Equation 6.42 into Equation 
6.40 led to the final expression 
r = 
 sr ⏞
α4
CA
2
1  +   ⏟
 4
CA
 
6.43 
The concentration term in Equation 6.40 is referred to as the virtual concentration and its 
significance is due to the equilibrium concentration which must exist between species 
adsorbed and the species involved in the rate-limiting step [136]. 
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Figure 6.27 Comparison of experimental data with different gas-solid reaction models for the 
reduction reaction (T = 700 
o
C) 
With respect to the reduction with CH4, Equation 6.34 was modified by the addition of an 
inhibition term (Ki) in the denominator to account the formation and reaction of CO. A 
simplified version for the reaction mechanism of steam reforming by Xu and Froment 
[137] was applied. The proposed mechanism for an irreversible reaction was as follows 
Pathway I 
[CH4]  [CO2]        M1 
Pathway 2 
[CH4]  [CO]  [CO2]       M2 
Using reaction pathway 2, CH4 adsorbs on the surface and either reacts with the lattice 
oxygen or is dissociated to form chemisorbed radicals ([CH3 – s], [CH2 – s], [CH – s] and 
[C – s]). Further reactions of these radicals lead to the formation of [CO], which is highly 
chemisorbed on metal surfaces. The CO formed can react with more lattice oxygen, 
thereby considerably reducing the overall reaction rate or even prevent the rate of 
desorption of the product gases from the bulk of the particle. These assumptions were only 
based on [CH4]  [CO]  [CO2] and no effect of [CH4]  [H2]  [H2O] was taken into 
account. The final expression for the reduction of CuO and CH4 is given in Equation 6.44. 
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r = 
 sr CA
2
1  +   CA + i
 
6.44 
6.5.2 Mechanism of oxidation of Cu by O2 
The solid-state reaction mechanism was determined from the value of m obtained using 
Equation 6.21 and the value ranged between 2 – 2.6 (Figure 6.28) for most of the results 
analysed. This corresponds to Equations 6.29 and 6.30 which considers the formation and 
growth of nuclei as the solid-state mechanism under conditions were chemical reaction is 
rate controlling. This was confirmed by fitting both model equations with the experimental 
results and the 2D growth model gave the best fit (Figure 6.29). Various authors [118, 138-
140] have also proposed that the initial oxidation of Cu  Cu2O or  CuO was controlled 
by the nucleation and growth of copper oxides on the surface of the metal. 
 
Figure 6.28 Plots of ln(−ln(1 − X)) and ln t (Equation 6.21) for some oxidation reactions. Reactions 
at 700 
oC with 21 vol.% (▲ Cu80Na), at 500 oC with 10.5 vol.% (□ Cu80Na, ■ Cu80NH), and at 
400 
oC with 4.2 vol.% (○ Cu80Na, ● Cu80NH) 
149 
 
 
Figure 6.29 Comparison of experimental data with the Avrami-Erofe'ev (A-E) nucleation growth 
models (Equation 6.29 and 6.30) 
 
Figure 6.30 Comparison of experimental data with different gas-solid reaction models for the 
oxidation reaction (T = 700 
o
C) 
The Langmuir-Hinshelwood kinetic model with adsorption of O2 as the rate-limiting step 
was used to describe the mechanism of Cu   CuO. In Figure 6.30, LH1&2 and the 
Freundlich rate models were the only models that fitted closely to the experimental data. 
Based on the lowest RMSD (LH1 = 0.07 × 10
-3
; LH2 = 0.262 × 10
-3
), LH1 – Equation 6.31 
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(molecular chemisorption of O2 as rate-limiting) gave the best fit. The derivation for 
Equation 6.31 is similar to the derivation for the reduction step, but the only difference was 
the elimination of the CA term in Equation 6.40, and this was because the rate of adsorption 
was now the rate-limiting step. The final mechanism and expression is as follows 
[O2](g)  [O2]ads        M3 
[O2]ads  2[O] ● s        M4 
r = 
 sr CA
1  +   CA 
 
6.45 
6.5.3 Effect of temperature and concentration on the oxidation reaction 
In relation to the oxidation conversion profiles shown in Figure 6.31 and in Figure 6.34, it 
was observed that irrespective of the gas concentrations, at low temperature of ~ 400 
o
C, 
complete solid conversion of Cu   CuO was not achieved after 100 s for both sets of 
oxygen carriers. Increasing the temperature to 600 
o
C, complete solid conversions were 
observed irrespective of the gas concentrations used, but the significant differences arose 
with the times needed to achieve complete conversion from Cu  CuO. Also, reactions at 
400 
o
C showed two rate controlling mechanisms, reaction and diffusion control as shown 
in Figure 6.31. The initial rates were dominated by the nucleation and nuclei growth, 
whilst the latter stages were dominated by diffusion. These were confirmed by the best fit 
solid-state model, i.e. 2D A-E of Equation 6.29 and 3D Diffusion of Equation 6.24, also 
shown in Figure 6.31 and Figure 6.32. Figure 6.32 showed the superiority of Cu80Na 
oxygen carrier over Cu80NH oxygen carrier at 500 
o
C. This was due to higher diffusional 
resistances in the Cu80NH particles resulting from their low porosity (εs = 0.11, mparticle ~ 
0.04 mg/particle compared to ~ 0.02 mg/particle for Ca80Na, for particles in the size range 
150 – 355 μm).  
151 
 
 
Figure 6.31 Comparison of experimental results and different solid-state model for Cu80Na oxygen 
carrier (── Avrami-Erofe’ev model, Equation 6.29; ─ ─ 3   iffusion, Equation 6.24) 
 
Figure 6.32 Comparison between Cu80Na and Cu80NH oxygen carrier at 500 
o
C 
The mechanism of oxidation involved the adsorption of O2 on the metal surface (Langmuir 
Hinshelwood), and this interaction leads to the creation a Me-O surface reconstruction 
(formation of nucleation sites), and O2 can also dissociate to form oxygen atoms. These 
atoms can diffuse through the chemisorbed species to form new oxide nuclei or be lost to 
re-evaporation. After a certain amount of time, the surface becomes fully saturated due to 
the formation of further nucleation sites, which then begin to impinge on each other, and 
consequently leading to the coalescence of the discrete nuclei. This results in the formation 
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of large nuclei (also referred to as Island) composed of smaller discrete nuclei. This effect 
creates an oxygen gradient zone (MeO Island), such that any oxygen which adsorbs around 
the area quickly diffuses into the Island [140]. This is the basic principle for the nucleation 
and nuclei growth model, and is used here to understand the influence of temperature on 
the oxidation conversion of Cu  CuO.  
Under the reaction rate control period, the oxidation mechanism was controlled by the 
nucleation and growth of CuO as established in the previous section. At low temperature 
(~ 400 
o
C) the rate of formation of nuclei sites is greater than the rate of coalescence of the 
discrete nuclei. This results in having more dense nuclei sites on the surface but less 
coalesced (larger nuclei) sites. Also, the rate of coalescence (i.e. formation of MeO 
Island/larger nuclei) at high temperature (> 600 
o
C) is greater than the rate of formation of 
nuclei site due to the high mobility of O2 at high temperatures [140]. Due to the 
concentration gradient across the MeO-Island (larger nuclei) and the surface, more O2 
would preferably attach to the MeO-Island (larger nuclei). Assuming a constant rate of 
growth, the conversion of Cu   CuO will depend on the size of the nuclei formed. The 
sizes of the larger nuclei formed were smaller at 400 
o
C than at 600 
o
C. Under the diffusion 
control period, the formation of CuO begins at the surface of the particle and the CuO layer 
increases in thickness, thereby limiting gas diffusion. A schematic description of the 
diffusion process is shown in Figure 6.33.  
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Cu2+ Cu2+ Cu2+ Cu2+
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Figure 6.33 Schematic representation for the oxidation reaction under diffusion control. O
2-
 first 
layer, O
2-
 second layer, O
2-
 third layer 
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Figure 6.34 Effect of reaction temperature and gas concentration on the oxidation reaction (a) 
Cu80Na (b) Cu80NH (c) Cu80Na (──) and Cu80NH (─  ─) at 400 oC (d) Cu80Na at 600 oC 
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The combined effect from the formation and growth of CuO and gas diffusional effect are 
the main reasons why oxidation of these co-precipitated oxygen carriers did not achieve 
complete conversions at temperatures < 600 
o
C after 100 seconds. The effect of gas 
concentration also plays a role, particularly during the formation of additional nuclei sites, 
and this resulted in an overall reduction of the oxidation reaction time. No major effect was 
observed based on the gas concentrations used (4.2 – 21 vol.%) in comparison to the effect 
of temperature. The only exception was for the Cu80NH oxygen carrier at 400 
o
C with 4.2 
vol.%. In Figure 6.34 (c), there appeared to have been a different mechanism for Cu80NH 
at 400 
o
C because the value of m obtained from Equation 6.21 was ~ 0.62, which 
corresponds to the diffusion controlled mechanism (Equations 6.22 – 6.24). Chuang et al 
[113] investigated the kinetics of the oxidation of Cu/Al2O3 prepared by co-precipitation. 
Experiments were conducted with low O2 concentration (< 2 vol.%) and with carriers in 
the size range of 355 – 500 μm. It was observed that the diffusion of the gas through the 
product layer was slow compared to the chemical reaction and also due to the different 
mobilities of Cu atoms into Cu2O and CuO. The reaction mechanism proposed was similar 
to the shrinking core and no sign of nucleation as the rate-limiting step was observed under 
conditions were chemical reaction was rate controlling. Although the mechanism proposed 
here is slightly varied to Chuang et al based on similar samples, but similar to others [139, 
140], the underlying difference results from the gas concentrations used. It could be 
suggested that the gas concentration used can determine what regime the rate-limiting step 
will be, i.e. diffusion rate control (low O2) or nucleation and nuclei growth (mid – high 
O2).  
6.5.4 Validation of activation energies 
Two comparisons for the reduction of CuO with CO were made with respect to results 
obtained experimentally and results obtained in literature. The first was the effect of 
particle porosity on the activation energy and the second compared the results from the 
TGA and fixed bed. Chuang et al [108] estimated the particle porosity, εs, for co-
precipitated oxygen carrier with 82.5 wt.% (355 – 500 μm) to be 0.75. If we recall from the 
density analysis in Chapter 5, the porosities obtained using the envelope volume were 
reasonably high (61 – 90 %), and the value obtained for Cu80Na sample was ~ 0.8. Using 
this value, the activation energy obtained was ~ 28 kJ mol
-1
; and is exactly the same as 
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value obtained in the literature [108]. Using the porosity determined from the pore volume 
given in Table 5.4 and Equation 5.3, a value of ~ 0.185 was obtained. Of course, the 
porosity derived from the BJH algorithm does not take into account pores with diameter > 
~ 140 nm. The true porosity will be higher than this value. The activation energy obtained 
was ~ 37 kJ mol
-1
. Although this value was within the error (± 12 kJ mol
-1
) estimated, the 
porosity used in the estimation closely matches the conditions inside the particle. Smaller 
εs indicate high gas diffusion resistance due to the high dense nature of the material. Figure 
6.35 shows the influence of particle porosity on the activation energies obtained. It shows 
that the porosity used for kinetic parameter determination can disguise the true value 
expected, which will lie between these bounds.  
 
Figure 6.35 Influence of particle porosity in the determination of activation energy, EA (○ - εs = 
0.185, ● - εs = 0.8) 
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Figure 6.36 Activation energies obtained from the TGA and fixed-bed reactor for Cu80Na [150 - 
355 μm] 
The activation energies obtained from the TGA were compared with the value obtained 
from the fixed-bed reactor as shown in Figure 6.36. The activation energy obtained from 
both systems was ~ 29.4 ± 0.7 kJ mol
-1
 which is approximately the same, but the intrinsic 
rates are different. The difference in rate is attributed to the two reaction systems used for 
the analysis, together with potential thermal shocking of the particles when added to the 
fixed-bed reactor.  
6.6 Conclusions 
The kinetics of reduction of CuO-Al2O3 and oxidation of Cu-Al2O3 oxygen carriers with 
CO, CH4 and O2 have been investigated. Reactions were carried out in a TGA and fixed-
bed reactor using particles in the size range of 90 – 500 μm. Reactions in the fixed-bed 
were not controlled by the rate of external mass transfer for particle sizes < 500 μm. The 
reduction of CuO by CO exhibited a second order dependence on the gas concentration, 
i.e. n ~ 2 for oxygen carriers with sizes < 355 μm. A reaction order of n ~ 1.5 was obtained 
with CH4 and n ~ 0.7 for the oxidation reaction with O2 also for samples with sizes < 355 
μm. Reaction orders in the fixed-bed were ~ 1.7 and ~ 1 for carriers in the size range 150 – 
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355 and 355 – 500 μm. The activation energies obtained were in the order from high to low 
CH4 > CO > O2 and the mean values are summarised in the following expressions. 
 v,CO  3.0  10
6 exp(  
28  10 k  mol 1
RT
) 
 v,CH4   6.0  10
11 exp(  
143  16 k  mol 1
RT
) 
 v,O2   1.7  10
6 exp(  
20.3  6 k  mol 1
RT
) 
The reduction of CuO exhibited a phase-boundary solid-state mechanism under the 
condition studied. The gas-solid reactions was characterised by the Eley-Rideal (surface 
reactions) mechanism with the surface reactions as the rate limiting step. The oxidation 
reaction of Cu exhibited the nucleation and growth rate mechanism under conditions were 
chemical reaction was rate controlling. The gas-solid reaction was characterised by the 
Langmuir-Hinshelwood mechanism with the adsorption of O2 as the rate-limiting step. 
The oxidation reaction temperature was observed as the most critical parameter for 
complete conversion of Cu  CuO. The gas concentration also had an effect, but the effect 
of reaction temperature was greater.  
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Chapter 7 Performance of oxygen carriers in redox 
cycles 
7.1 Introduction 
Research in chemical looping combustion has so far been focused on the development and 
selection of suitable oxygen carriers coupled with reactor design and implementation for 
clean fuel combustion and power generation. To a large extent, the feasibility of the 
process depends highly on finding the right metal oxide with the ability to withstand a 
significant number of redox cycles. In addition, the metal oxide should have sufficiently 
fast redox kinetics, low susceptibility to agglomeration, sintering and chemical 
deactivation, good mechanical strength and preferably cheap and non-toxic [7, 32, 39].  
The performance of suitable oxygen carriers has been studied by several authors. Thermo-
Gravimetric Analysis (TGA) is the most widely used system to investigate the redox 
properties (e.g. Ishida et al [141, 142], Mattisson et al. [63], and Noorman et al [143]). 
Fluidised bed reactors are also commonly used to assess the performance of different 
oxygen carriers with notable contributions from e.g. Mattisson et al [70, 71], Adánez et al 
[144] and Cho et al [69]. Fixed-bed (or Packed-Bed) reactor concepts have also been used 
for different studies on the performance of oxygen carriers [40, 62, 71, 145-147]. The main 
advantages of a fixed-bed concept are that gas/solid separation is intrinsically avoided, 
there is less sample attrition, less energy for solid recirculation and a compact design (less 
space required). The gas flow in fixed-bed operation is periodically switched between fuel 
and oxidising gases with an intermediate period (purged with inert gas e.g. N2) in order to 
avoid gas mixing of the fuel and oxidizing gas.  
One of the primary aims of the research in this chapter was to test and compare the 
performance of the novel oxygen carriers developed in Chapter 5 under different process 
conditions. Performance tests were done in a fixed-bed reactor as well as in the TGA using 
two gaseous fuels. In addition, performance tests in the fixed-bed were used to assess the 
feasibility and operability for CLC operations.  
159 
 
7.2 Experimental 
The performance of the oxygen carriers (based on the reaction rate, rmax, and solid 
conversion, X) were investigated in the fixed-bed reactor (FBR) and TGA under different 
process conditions. Both systems were operated under continuous gas flow over a fixed 
amount of solid. For experiments in the TGA (Figure 4.8), the sample mass was varied 
between 2.5 – 2.8 mg and the total flowrate used was 25 mL min-1. The performance of the 
samples used here was determined based on the mass change (Δm in either % or mg) after 
each reduction and oxidation step. 
The reactivity of the oxygen carriers in the FBR was determined using the set-up in Figure 
4.4 with a total gas flowrate of 75 mL s
-1
 and bed mass of 0.02 g (20 mg), similar to the 
conditions used for kinetic study in Chapter 5. This enabled comparison of the intrinsic 
reaction rates between different particles after multiple redox cycles. For experiments with 
bed masses greater than 0.1 g, the overall set-up shown in Figure 4.1 (or Figure 4.3) was 
used, and the performance was based on the conversion of the solid. The flow rate used 
varied between 40 – 50 mL s-1 and the system pressure was kept at 1 barG in all cases. A 
summary of the main experiments performed is given in Table 7.1.  
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Table 7.1 Summary of experiments performed 
Experimental 
Set-up 
Cycle 
Duration 
Particle Size Sample ID Fuel Used Temperature 
FBR 
10 
355 – 500 
μm 
Cu80Na 
CO (5 vol. %) 
and O2 (10.5 
vol.%) 
500 – 700 oC 
Cu80NH** 500 & 600 
o
C 
Cu80NH 600 
o
C 
425 – 710 
μm 
Cu75Na** 
800 
o
C 
355 – 710 
μm 
Cu60Na 
Cu80Na 
CH4 (2 vol.%) 
and O2 (4.2 
vol.%) 
Cu80NH 
20 
355 – 500 
μm 
Cu40Na 
CO (5 vol.%) 
and O2 (10.5 
vol.%) 
500 
o
C Cu60Na 
Cu80Na 
TGA 
150 – 355 
μm 
Cu40Na 
Cu60Na 
Cu80Na 
CO & CH4 
(10 vol.%) 
and O2 (21 
vol.%) 
700 
o
C 
Cu80NH 
In order to prevent contact between the thermocouple and the bed material, the height of 
the bed was kept low (< 15 mm) and consisted of a mixture of sand (425 – 710 μm) and the 
oxygen carriers. SuperWool (RS component) was used to hold the entire bed in place and 
also to aid gas distribution over the particles. Whilst the system was under nitrogen, 
calibration gas (mixture of CO, CO2 and CH4) with known flowrate, similar to the reactive 
gas flowrate, was passed through the system/bypass at room temperature and recorded. 
After the calibration gas was switched-off, the system was heated up to the set temperature 
and after the temperature stabilised (~ 1 - 1.5 min) the reactive gas valve was opened. The 
gas flowrates were controlled by the MFC after a process flow procedure was written in 
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the control software program. To prevent incomplete solid conversion during a cycle, 
additional times were added to the MFC control program to guarantee sufficient reactant 
gas was available whilst the reaction progressed. All the exit gases from the reactor were 
cooled in a coil immersed in a bucket of ice or cold water and any vapour produced 
(mainly from the reactions involving methane - CH4) was condensed and trapped before 
they reached the gas analysers.  
7.2.1 Data Evaluation 
The data obtained from the PC were evaluated using a series of MatLab codes which 
extracted the data, performed various calculations and plotted the resulting profiles below. 
A typical plot with the gas concentration in vol.% is shown in Figure 7.1. 
 
Figure 7.1 Typical gas concentration and temperature profiles (T = 470 
o
C, mass = 0.3 g, [CO] = 
5%, Qtot = 40 mL s
-1
). i – Calibration gas section (mixture of CO, CO2 and CH4) 
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Figure 7.2 Insert of Figure 7.1 showing the reduction (i & v), oxidation (iii) and inert (ii & iv) 
periods 
The volume fractions (%) were converted to molar flowrate [mol s
-1
] using (assuming ideal 
gas conditions) Equation 7.1. Calculations were made at room temperature conditions 
because the outlet gases were cooled down and it was also assumed that both inlet and 
outlet gas temperature were the same. The moles present in the oxygen carriers were 
determined from the total mass (mtotal) used, the respective nominal weight fraction (wt. %) 
of the active material, and the relative molecular mass (RMM) as given by Equation 7.2. 
The total solid conversion was determined by the ratio of total moles of CO2 produced and 
the total moles of oxygen present in the original sample, mtotal, as given by Equation 7.4. 
The total moles of CO2 produced were determined from the area under the CO2 molar 
flowrate curve shown in Figure 7.4. The trapz function (which applies the Trapezoidal 
numerical integration method) in MatLab was used to compute the area under each 
reduction cycle. Alternatively, the areas were also determined manually by summing the 
individual points under the area of the CO2 molar flow profile as given in Equation 7.3.  
Ṅ = 
P   v[gas]    ̇
total
R   T298 
 7.1 
moles oxide =  
wt.%   mtotal
RMM
 7.2 
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Area  ∑ Ṅi(t)∆ti
n
i  1
  total moles of gas produced 7.3 
 solid = 
b   moles of CO2 produced
moles of O2 in solid
 7.4 
 
 
Figure 7.3 Typical plot showing the molar flowrate [mol s
-1
] of CO and CO2 from a bed of 
CuO/Al2O3 (mass = 0.3 g) 
 
Figure 7.4 Insert of Figure 7.3 showing the determination of net moles of CO2 produced during a 
cycle 
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Figure 7.5 Typical plot showing the determination of maximum reaction rate, rmax [mol (g s)
-1
] in 
the FBR (set-up – Figure 4.4) 
7.3 Results 
7.3.1 Parameters affecting experimental measurements 
There were several factors that affected the measured concentrations from the gas 
analysers and they include issues related to gas analyser drift, gas mixing, non-uniform 
data logging, and temperature control. With regards to CO2 drift on the gas analyser, if not 
accounted for, it affected the results in terms of the computation of the total moles of CO2 
produced. If the baseline is not at the zero value, the difference is added to the moles of 
CO2 produced, and this led to solid conversions > 1. These conditions occurred 
prominently for long cycle experiments. In order to minimise this effect, the gas analysers 
were purged with N2 for a minimum of 12 hours prior to the start of an experiment. With 
regard to data logging, data collection was made possible via a USB cable connected 
between the control box and PC whilst the gas analyser was connected to the control box. 
The signals recorded from the gas analyser were very rough and were smoothed out by 
applying a four point moving average before being used for further analysis.  
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Figure 7.6 Experimental data (raw and smooth) for CO2 
In order to determine mixing in the gas phase, a step increase in concentration of CO2 was 
used and it involved injecting a gas into the system using the MFC whilst the step output 
response was obtained through the gas analyser. One assumption made here was that the 
degree of mixing was independent of the reaction temperature and was a function of the 
system (reaction vessel, resistance due to the sintered quartz and gas analyser), hence the 
response times determined were investigated at room temperature conditions. The time 
constant of the MFC and system were determined following similar experiments done in 
literature [148]. In this work, the time constants obtained were based from the point of 
injection (MFC) to the gas analyser (taken as part of the system) as shown in Figure 4.3, 
and this was classed as the overall reactor system.  
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Figure 7.7 Normalised step input (from Mass Flow Controller - MFC) and output (from Gas 
Analyser - GA) for CO2. C(t) = Cmeasured/Cfinal 
 
Figure 7.8 Measured time constants for MFC and system (Qtotal = 70 mL s
-1
) 
Figure 7.7 shows the step functions at the inlet and exit of the entire reaction system and 
also adjusted for the time difference due to plug flow. The time constants for the MFC 
( MFC) and system ( m) were obtained from the slopes shown in Figure 7.8, which was 
determined from the point the step input/output was injected/collected. The time constant 
for the MFC ( MFC) was ~ 2.3 s, which was in the range specified by the manufacturer (1 – 
3 s), and the system ( m) was ~ 4.7 s. The time constant for the bed,  bed was calculated 
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from the difference between  MFC and  m. It was clear that mixing was greatly enhanced due 
the presence of the water vapour traps because  bed for the overall system (Figure 4.3) was 
~ 2.4 s whilst  bed for the system without the traps (Figure 4.4) was ~ 0.54 s. The model 
accounting for gas mixing is treated in more detail in the reactor model section of Chapter 
8. In this section we only use the time constants obtained to de-convolute the measured 
results obtained from Equation 7.1 by using the de-convolution expression given in 
Equation 7.5 [148].  
Ct  Cm  τbed
dCm
dt
 7.5 
One common problem associated with fixed bed applications is poor temperature control. 
Initially, the reactor was controlled by the thermocouple in the bed, but the flow of the 
reactant gas caused the temperature to drop by about 30 
o
C. Because the temperature was 
controlled by the bed, the power supplied from the transformer to raise the bed temperature 
by about 30 
o
C caused the wall temperature difference to increase by a factor of ~ 2 (i.e. 60 
o
C). This was as a result of the resistance between the quartz and Incoloy tube and this 
resulted in an overshoot in bed temperature. The PID setting of the temperature control 
was not fast enough to correct this effect and this was very significant on the measured 
reaction rates for fast reactions. During the reactor commissioning stages, preliminary 
experiments were conducted and it was observed that ΔT (Twall – Tbed) varied between 30 
o
C at lower T and 50 
o
C at higher T. These values, used mainly for the PID settings, helped 
to control the amount of base-load power supplied from the transformer when the 
thermocouple on the wall was used. Control using the thermocouple on the wall appeared 
suitable and it also ensured the temperature was at the exact range (± 5 
o
C) before the 
reaction gas was added. It was also vital that the total gas flowrate was kept constant as it 
helped to ensure a smooth temperature profile throughout an experiment. 
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Figure 7.9 Temperature profile at the wall and bed over 30 min at 800 
o
C 
7.3.2 Performance at 10 redox cycles 
7.3.2.1 CuO/Al2O3 – Prepared with Na2CO3 (Cu80Na) 
The sample used here were prepared by co-precipitation with Na2CO3 (Cu80Na) and had a 
copper loading of 80 wt.% on Al2O3. Sample mass used was 0.02 g (20 mg) reduced with 5 
vol.% CO in N2 and 10.5 vol.% O2 in air, both with a total flowrate of 75 mL s
-1
. The 
reduction and oxidation step lasted for 90 s, which was sufficient for complete conversion. 
Conversions greater than 1 were due to the gas analyser (CO2 drift and data 
logging/collection).  
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Figure 7.10 Repeated redox cycles for Cu80Na oxygen carriers [355 – 500 μm] (a) reaction rates 
(b) conversion 
Figure 7.10 (a) and (b) shows the reaction rate for CO2 evolution and the total solid 
converted after 10 reduction and oxidation cycles. It appeared that there was an increase in 
reactivity after the first cycle, and the conversions remained relatively stable over the entire 
test. The increase in reactivity between the first and second cycle is a result of 
morphological changes within the fresh bulk particle (CuO   Cu). In the second cycle, 
there was a high tendency for the particle to open up or become activated due to the 
change in internal structure from Cu   CuO. The solid conversions were ~ unity at 
temperatures ≤ 700 oC, which indicated that CuO   Cu2O decomposition was absent 
under these conditions.  
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7.3.2.2 CuO/Al2O3 – Prepared with NH4OH + CO2(s) (Cu80NH**) 
One of the first set of oxygen carriers (Cu80NH**) prepared by the co-precipitation with 
NH4OH and CO2 was tested at 500 and 600 
o
C with 5 vol.% CO. Sample mass and total 
flow rate remained the same as above.  
 
Figure 7.11 Repeated redox cycles for initial Cu80NH oxygen carriers [355 – 500 μm] (a) reaction 
rates (b) conversion 
Increase in reaction temperature decreased the reactivity and solid conversion as seen in 
Figure 7.11 by ~ 40 %. The deactivation was due to sintering between the individual 
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copper oxides cluster/grains located on the surface of the particle as revealed by the SEM 
images in Figure 7.12.  
 
Figure 7.12 SEM images of Cu80NH** oxygen carriers after 10 redox cycles 
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7.3.2.3 Comparison between Cu80Na and Cu80NH** samples 
T = 500 
o
C 
 
Figure 7.13 Repeated redox cycles for Cu80Na (◊) and Cu80NH (■) samples at 500 oC (a) reaction 
rate (b) conversion [Cu80NHP (▲) – samples prepared by pipetting NH4OH] 
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T = 600 
o
C 
 
Figure 7.14 Repeated redox cycles for Cu80Na (◊) and Cu80NH (■) samples at 600 oC (a) reaction 
rate (b) conversion 
7.3.2.4 Improvements of Cu80NH samples 
In order to improve the reactivity of the oxygen carriers prepared with NH4OH and CO2(s) 
(dry ice), the precipitate was washed further with an additional 2 litres of distilled water in 
a 1 L beaker (2 wash cycles). After the deionised water was added, the mixture was stirred 
magnetically for 2 minutes after each wash cycle, before it was allowed to settle, and then 
filtered. The samples were again tested and the results are shown in Figure 7.15. It was 
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clear that washing and stirring enhanced the reactivity over 10 redox cycles. There was 
also a high probability that during stirring, some of the large crystals were broken up into 
smaller pieces and adhered preferably to the surface of the NH
+
/Al
3+
 complex support. 
This resulted in further dispersion of smaller copper oxide crystals/grains (or clusters) on 
the surfaces which led to an overall increase in total specific surface area as observed from 
the BET analysis.  
 
Figure 7.15 Repeated redox cycles for Cu80Na and Cu80NH (after 2 wash cycles) samples at 600 
o
C (a) reaction rate (b) conversion (■ and ∆ - previous experiments) 
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7.3.2.5 Effect of reaction temperature 
Experiments above 700 
o
C were limited by the decomposition of CuO to Cu2O as observed 
from the TGA analysis in Chapter 6. In one of the early experiments, an oxygen carrier 
with ~ 75 wt.% copper oxide was tested at 800 
o
C with 5 vol.% CO and a total flowrate of 
40 mL s
-1
. System pressure was kept at 1 barG and sample mass used was 0.3 g. The result 
after 10 cycles is given in Figure 7.16. The oxidation of methane was also tested in the 
fixed-bed reactor (overall set-up in Figure 4.1) at 800 
o
C with 0.2 g of the prepared oxygen 
carriers. It was difficult to study reactions below 700 
o
C as reactions were too slow to 
obtain significant measurements, this was in part due to the low concentration of methane 
used (2 vol.% - Safety laboratory limit for exhaust gas flaring). The oxygen carrier having 
40 wt. % copper loading (Cu40Na) was tested but no quantifiable results were obtained 
after the 4
th
 cycle under these conditions. The remaining oxygen carriers were tested and 
the results are shown in Figure 7.17.  
 
Figure 7.16 Solid conversion after 10 reduction and oxidation cycles with CO (Qtotal = 40 mL s
-1
, m 
= 0.3 g, T = 800 
o
C, dparticle = 425 – 710 μm) 
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Figure 7.17 Solid conversion after 10 reduction and oxidation cycles with CH4 (Qtotal = 50 mL s
-1
, 
m = 0.2 g, T = 800 
o
C, dparticle = 355 – 710 μm) 
As seen in Figures 7.16 and 7.17, the maximum solid conversion was less than 1 (unity) 
but varied between 0.5 (Cu2O) to 0.8 (mixture of CuO and Cu2O). However, the solid 
conversion obtained for reactions with CO was relatively stable at ~ 0.7 over the redox 
cycles, but the solid conversion obtained for reactions with CH4 varied significantly. 
Methane oxidation with the four main oxygen carriers was tested in the TGA at 700 
o
C and 
the results which compare the two oxygen carriers with 80 wt.% copper loading are shown 
in the following sections, as well as with the carriers having 40 and 60 wt.% CuO loading.  
7.3.3 Performance at 20 redox cycles 
7.3.3.1 Performance in the fixed-bed reactor 
The co-precipitated carriers prepared with Na2CO3 were analysed over an extended period 
(20 cycles) of redox cycles in the fixed-bed reactor (kinetic set-up used as shown in Figure 
4.4). A total flow rate of 75 mL s
-1
 (5 vol.% CO) was used. Sample mass of 0.02 g (20 mg) 
was used and system pressure and temperature were 1 barG and 500 
o
C respectively.  
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Figure 7.18 Repeated redox cycles for Cu40, 60 & 80Na samples at 500 
o
C [355 – 500 μm] (a) 
reaction rate (b) conversion 
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Figure 7.19 Specific rate of production of CO2 at different reduction cycles (Cu60Na) 
The oxygen carriers prepared with Na2CO3 all exhibited good reactivities and high solid 
conversion over 20 cycles at 500 
o
C. A decrease in conversion of ~ 20 % was observed 
over the entire redox period. This could be due to some of the carrier not being completely 
oxidised during the oxidation step as observed in Figure 6.29. Nonetheless, the high 
reactions rates and solid conversion after 20 cycles gave a good indication the Cu-based 
oxygen carriers performed well in the fixed-bed reactor. In addition, using oxygen carriers 
with high oxygen transport capacity favours the combustion of large volumes of gaseous 
fuels or even solid fuels.  
7.3.3.2 Performance in the TGA 
The performance of the oxygen carriers were again analysed in the TGA (Figure 4.8) in 
order to complement the results from the fixed-bed. The performance was based on the 
mass change (∆mg) and the derivative mass change (mg min-1) over the duration of the 
experiments. A total flowrate of 25 mL min
-1
 was used in all extended cycle tests both with 
10 vol. % CO and CH4. The sample mass was kept at 2.6 mg (± 0.2 mg) and at 700 
o
C. The 
reduction of CuO with CH4 is given in the Figures below, whilst the reduction with CO is 
given in the Appendix section. 
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Figure 7.20 Repeated redox cycles for Cu40Na and Cu60Na oxygen carriers (150 - 355 μm) 
reduced with CH4 in a TGA (dashed lines represents the theoretical mass of the fully reduced 
carriers, distance from a) 
 
Figure 7.21 Repeated redox cycles for Cu80NH and Cu80Na oxygen carriers (150 - 355 μm) 
reduced with CH4 in a TGA (dashed lines represents the theoretical mass of the fully reduced 
carriers) 
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Figure 7.22 Solid conversion at different redox stages (a) reduction [CH4] - Cu80Na, (b) reduction 
[CH4] - Cu80NH, (c) oxidation [O2] - Cu80Na, (d) oxidation [O2] - Cu80NH 
 
Figure 7.23 Reaction rates at different redox stages (a) reduction [CH4] - Cu80Na, (b) reduction 
[CH4] - Cu80NH 
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Figure 7.24 Comparison between derive. Wt. change and cycle number for Cu80NH and Cu80Na 
oxygen carriers (150 - 355 μm) reduced with CH4 in the TGA (a) reduction (b) oxidation 
Experiments conducted in the TGA confirmed the high transport capacities of the Cu-
based oxygen carriers investigated. All the oxygen carries exhibited excellent reduction 
and oxidation properties at 700 
o
C with both fuels gases. Figure 7.20 and Figure 7.21 show 
the redox cycle for the four main carriers investigated with CH4 as the fuel gas. The dashed 
lines represent the theoretical masses for a fully converted oxygen carrier (i.e. from CuO 
  Cu) calculated from Chapter 6 (Equations 6.3 and 6.4). Figure 7.22 shows the reduction 
and oxidation plots for Cu80Na and Cu80NH oxygen carriers at different cycle stages. A 
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change in mechanism was observed for Cu80Na oxygen carriers in Figure 7.22 (a) and 
Figure 7.23 between cycle 1 and 2 of the reduction step but none for the oxidation step. 
This could be attributed to the change in morphology resulting from the difference in molar 
densities of CuO and Cu (73 & 98 × 10
3
 mol m
-3
). Figure 7.24 shows the derivative weight 
change (maximum reaction rate) for the reduction and oxidation cycles. High reaction rate 
was observed again for Cu80Na carriers in the first cycle but dropped in the subsequent 
cycles and remained level after the 11
th
 cycle. The Cu80NH carriers showed a rather stable 
rate of reaction during the redox periods. SEM analysis was used to study the carriers after 
20 redox cycles.  
 
 
 
Figure 7.25 SEM images Cu80Na (a) fresh (b) after 20 cycles and Cu80NH (c) fresh (d - e) after 20 
cycles (reduced with CH4) 
Fresh (a) After 20 cycles (b) 
(c) (d) 
(e) 
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The SEM images in Figure 7.25 revealed that Cu80Na carriers (a) & (b) showed no sign of 
sintering on the surface after 20 cycles, but appeared to have a loose structure. Sintering 
was observed for the Cu80NH carriers because most of the copper grains were located on 
the surface of the bulk particle. Interestingly, complete solid conversions were observed 
irrespective of the sintering effects. Comparing Figure 7.12 and Figure 7.25, the degree of 
sintering was greatly reduced due to the dispersion of Cu grains on the surface of the bulk 
sample. Figure 7.26 shows the effect of CuO dispersion on the two sets of Cu80NH 
carriers.  
7.4 Discussion 
7.4.1 Influence of excess sodium (Na+) ions  
The presence of sodium, as detected by the different characterisation techniques, was 
found in samples which had 40 and 60 wt. % CuO loading. The XRD analysis detected 
sodium in the form of Na2Al2O4 based on the patterns identified. From the TGA analysis, 
Figure 7.20 showed a decrease in mass as the temperature was heated to the set-point for 
Cu40Na and Cu60Na oxygen carriers. One possible explanation could be that during the 
roasting/calcination process (in air), sodium peroxide, Na2O2, was formed rather than 
sodium oxide, Na2O. Na2O2 is highly hydroscopic and could form several peroxohydrates 
and hydrates such as Na2O2∙2H2O, Na2O2∙2H2O∙4H2O, and Na2O2∙8H2O when exposed to 
moisture [149, 150]. Also, Na2O2 has a melting point of about 660 
o
C in comparison to 
Na2O at 1132 
o
C. Na2O2 decomposes at temperatures > 300 
o
C with the release of O2 and 
the dissociation pressure is ~ 0.98 bar (1 atm) [149, 150]. At oxygen pressures less than the 
dissociation value, the release of O2 will occur at a much lower temperature. For the 
oxygen carriers with 40 and 60 wt. % CuO, the decomposition of Na2O2 occurred at a 
temperature of ~ 234 
o
C as observed from the CH4-TPR profile in Chapter 5 (Figure 5.13). 
The mass loss could also be attributed to the release of H2O from possible peroxohydrates 
or hydrates formed when the particles were exposed to air. The release of O2 from the 
Na2O2 could facilitate the decomposition of CuO to Cu2O at much lower temperatures. 
This would affect the overall carrying capacity for these Cu-based particles. Overall, the 
influence of sodium did not significantly affect the expected results in this work. 
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7.4.2 Limitations of oxygen carriers prepared with NH4OH and CO2(s) 
Besides the excellent oxygen carrying and transferring abilities exhibited by the Cu80NH 
carriers, they appear to be limited by the CuO grains/clusters on the surface of the bulk 
particle. The underlying cause arises from the mechanism of Cu-deposition. The Cu
2+
 
species preferentially adsorbs on the surface possibly with a higher fraction of Cu(OH)2 
crystals rather than CuCO3. This resulted in particles having surfaces composed mainly of 
CuO grains/clusters and the effect before and after chemical reaction is shown in Figure 
7.25 (c – e). EDX analysis also confirmed that a high fraction of CuO was located on the 
surface of the bulk particle. Figure 7.26 shows the comparison made between the two sets 
of oxygen carriers prepared with NH4OH and CO2(s) (dry ice). 
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Cu80NH (washed and stirred × 2) 
CuO grains on surface of particle 
(high coverage) 
  
Cu80NH**  
CuO grains on surface 
Outlined regions (in red): shows 
incomplete dispersion 
Arrow: indicate large CuO grains 
clustered inside canals 
  
Figure 7.26 SEM images for fresh oxygen carriers prepared with NH4OH and CO2(s)  
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7.4.3 Influence of bed mass in the fixed-bed reactor (FBR) 
Breakthrough curves are typically employed in assessing the feasibility and performance of 
many reactor systems. Applied to fixed-bed reactors, they can be used as a tool to 
determine the point when an undesired product begins to exit the reactor (or when a 
reaction is near completion). For fixed-bed reactors used for chemical-looping combustion 
processes, they can be used to determine the point when a bed of oxygen carriers is almost 
exhausted. This would prevent the exit gas from being contaminated by the reactant fuel 
gas thereby increasing the efficiency of the CLC process. Although it was not an objective 
of this research to assess the performance of the reactor in terms of complete fuel 
conversion, it was interesting to observe the influence of the bed masses used on the exit 
gas stream. Figure 7.27 shows the variations in performance of using different bed masses 
of oxygen carriers. All units were normalised for comparison and tRTD of ~ 11 sec was 
obtained from the RTD analysis in Chapter 8. The figure shows that for bed masses > 1 g 
and at t/tRTD < 4, about 98% of the fuel gas was converted to CO2.  
 
Figure 7.27 Breakthrough curves for the exit gases as a function of bed mass (solid lines represent 
CO2 and dashed lines represent CO) 
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7.5 Conclusions 
The performance and suitability of Cu-based oxygen carriers (CuO on Al2O3) have been 
investigated using two gaseous fuels in a fixed-bed reactor and TGA. Both sets of carriers 
prepared by co-precipitation with Na2CO3 and NH4OH exhibited excellent reactivity and 
complete solid conversions at temperatures ≤ 700 oC. The carriers prepared with NH4OH 
and CO2(s) (Cu80NH) showed a high degree of sintering after 20 cycles and the 
performance in terms of sintering was limited by the surface deposition mechanism of CuO 
in the bulk particle. The dispersion of CuO on the bulk particle was found to be enhanced 
by additional washing and stirring. Irrespective of this limitation, the reaction rates and 
solid conversions were not significantly affected after 20 redox cycles. The carriers 
prepared with Na2CO3 showed no sign of agglomeration after 20 cycles as confirmed from 
the SEM analysis. Temperatures ≥ 700 oC showed that complete solid conversions were 
not achieved due to the decomposition of CuO  Cu2O. The TGA results also confirmed 
that the spinel (CuAl2O4) formed due to the interaction of CuO and Al2O3 was reducible 
under the experimental conditions investigated.  
The feasibility of using a fixed-bed reactor as an alternative to a fluidised bed has been 
demonstrated in this study. Using a fixed-bed eliminated the need for gas-particulate 
separation and oxygen carrier deterioration due to particle breakage.  
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Chapter 8 Particle and reactor models 
8.1 Introduction 
This chapter presents the particle and reactor models used to describe the concentration 
gradients inside a particle (oxygen carrier), and mixing characteristics inside the fixed-bed 
reactor.  
In the particle model, the analytical solution developed by Ishida and Wen [151, 152], 
together with results from the previous chapters, was used to assess the gas concentration 
profile inside the particle (oxygen carrier) under isothermal conditions. Nonisothermal 
conditions were also investigated, and used to determine the influence of temperature 
gradients across a particle. Both sets of conditions were investigated in the regime where 
external mass transfer was minimal.  
In the reactor model, the gas flow was characterised using a residence time distribution 
(RTD) function to obtain the mean residence time, variance of distribution, and a one-
parameter value, which was used to assess the degree of mixing, and by how much the 
flow deviated from ideal conditions. The two one-parameter models used were the Tank-
in-Series (TIS) and Dispersed Plug Flow (DPF) model [153], and these values were 
obtained from the RTD functions. In addition to the mixing models, a simple one-
dimensional heterogeneous model with axial mixing was developed, and used to assess 
how the gas concentration, in a section of the reactor system, evolved with time.  
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8.2 Particle Model 
8.2.1 Theory and Methodology 
Chemical-looping combustion belongs to the heterogeneous reactions involving the 
interaction between a solid and gaseous reactant. Most gas-solid reactions are generally 
assumed to involve several rate limiting steps: (i) external mass transfer from the bulk gas 
phase to the surface of the particle, (ii) diffusion of the reactant gases in the pores of the 
particles, (iii) adsorption and chemical reaction at the solid surface, (iv) diffusion of the 
product gases in the pores of the particle, (v) mass transfer of the product gases to the bulk 
gas phase [78, 154, 155].  
Further assumptions made with the description of these systems are that (i) the pseudo-
steady state approximation was sufficient to describe the concentration profiles of the 
gaseous species within the particle, (ii) intraparticle diffusion occurs via equimolar 
counter-diffusion, (iii) the particles are isothermal, (iv) the particle volume is constant, (v) 
the solid structure is unaffected by the reaction. Unlike most catalytic reactions, the 
conditions inside the particle for a gas-solid reaction change with time, since the solid itself 
is involved in the reaction [154].  
Concentrating on the phenomena inside a particle, two approaches have been shown to be 
very successful; the shrinking core model and the homogeneous model. The shrinking core 
model assumes that the porosity of the unreacted core is very small, so that the unreacted 
solid material is practically impervious to the reactant gases. The homogeneous model on 
the other hand, is the other extreme case of the shrinking core model, where the porosity of 
the particle is assumed constant and gas diffusion into the bulk particle is not greatly 
affected. Most gas-solid reactions cannot be completely described by both the shrinking 
core and homogeneous models, but as an intermediate between both models [152, 154].  
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Figure 8.1 Schematic diagram for concentration profile in a particle 
A general model developed by Wen [151, 152] was employed here to describe the 
phenomena inside a particle. For an isothermal and spherical particle as shown in Figure 
8.1, the continuity and differential material balance equations for the gas and solid are 
given in the following equations [101, 125, 156].  
(
rate of input
of CA
by diffusion
at r+dr 
)  (
rate of output
of CA 
by diffusion
at r
) (
rate of output
of CA 
by disappearance
within the shell
)=(
rate of accumulation
of CA
within the 
control volume
) 
This results in the final expression 
 
 t
(εsCAs)  
1
rm
 
 r
( eAr
m
 CAs
 r
)    rA s 
8.1 
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 Cs
 t
    rs s 
8.2 
where DeA is the effective diffusivity of the reactant gas through the pore structure of the 
solid, εs is the particle porosity and rA is the rate of disappearance of the reactant gas. For a 
slab geometry, m = 0, = 1 – cylinder and = 2 – sphere. The initial and boundary conditions 
are  
At t = 0 
CAs  CAs0 and Cs  Cs0 8.3 
At the surface, r = R 
 eA (
 CAs
 r
)
r  R
   g(CA    CAs
s )  
8.4 
The external-film mass transfer was taken into account through the use of kg, mass transfer 
coefficient. The boundary condition at the surface states that the rate of diffusion of the 
reactant gas (gas A) across the exterior surface of the particle is equal to the rate of 
transport of gas from the bulk gas to the solid surface by mass transfer [125].  
In the centre of the sphere, r = 0 
 CAs
 r
  0  
8.5 
From symmetry there can be no external mass transfer through the centre of the particle. 
The effective gas diffusivity is expected to vary if there is a change in particle structure (in 
this case, porosity and pore diameter) resulting from the chemical reaction. According to 
the literature [101], if it is assumed that the porosity depends linearly on the solid 
conversion, the final porosity is estimated by using the expression 
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εs  εs0  Cs0(vs    vp) (1   
Cs
Cs0
) 
8.6 
εs0 is the initial porosity, Cs0 is the initial concentration of the reacting component, vs and 
vp are the reactant and product molar volumes The effective diffusivity corresponding to 
the final porosity, εs, is given by the relation [101, 151, 152]: 
 eA
 eA0
  (
εs
εs0
)
 
 
8.7 
where ψ lies between 2 and 3, and ψ = 2 corresponds to the random pore model [101]. The 
change in a particle’s porous structure due to sintering will also influence the effective gas 
diffusivity, but was not treated in this section.  
Considering a gas-solid reaction represented in Figure 8.1, as the reactant gas approaches 
the vicinity of the solid, the surface of the solid is reacted first. After a certain time, the 
reactant on the surface becomes completely exhausted and an inert product layer (or ash 
layer) is formed. When the concentration of the reacting solid, Cs, drops to zero in a finite 
time (completely reacted layer), two stages have to be considered. The first stage is the 
period of reaction prior to the formation of the ash layer on the surface (i.e. Cs = 0). The 
second stage involves only diffusion through the region of the completely exhausted solid 
reactant, up to the front where reaction is occurring. Schematic descriptions of the two 
stages are shown in Figures 8.2 and 8.3.  
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Figure 8.2 Schematic description for the first stage in a particle 
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Figure 8.3 Schematic description for the second stage at t and t + x 
8.2.1.1 Model Approach 
The material balance for the gas phase in the first stage for spherical particle can be re-
written as 
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8.8 
When the pseudo-steady state approximation is applied, the transient term on the left in 
Equation 8.8 becomes zero (i.e.  CAs/ t = 0). In the second stage, only diffusion through 
the outer layer (product layer) is considered and the material balance equation is given as  
0  eA
 (
 
2
CAs
 
 r
2
  
2
r
 CAs
 
 r
) 
8.9 
D
’
eA and C
’
As denote the conditions and properties related to the completely reacted zone 
(solid product layer). The boundary conditions on the surface remain unchanged (Equation 
8.4), and the boundary condition at the interface, i.e. at some distance rm from the centre, 
expresses the continuity in the gas profile and the equality of the fluxes on both sides of 
that boundary. At r = rm 
CAs
   CAs 
 eA
  CAs
 
 r
  eA
 CAs
 r
 
8.10 
The analytical solution for the general model given by Ishida and Wen [151, 152] was used 
to compute the gas concentration inside the particle. The gas concentration in the first stage 
was expressed as 
y
i
  
CA
 
CA0
  
1
θvc
Sinh(ϕ
v
ξ)
ξ Sinh ϕ
v
 8.11 
where 
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 8.13 
ϕv is the Thiele Modulus and the generalised form was used, kv is the intrinsic volumetric 
rate constant, ξ is the dimensionless radial distance, and N’Sh is the modified Sherwood 
number (DeA rather than DAB). The gas concentration, ym, at the boundary of the two zones 
r = rm, together with the boundary condition in Equation 8.10 is given as [151, 152]: 
y
m
  
CAm
CA0
  
1
1  
 eA
 
 eA
(1   ξ
m
  
ξ
m
NSh
) [ϕ
v
 
ξ
m
coth(ϕ
v
 
ξ)    1]
 
8.14 
where  
ξ
m
  
rm
R
  
D
’
eA is analogous to the conditions in the completely reacted zone and this value, together 
with the porosity, was obtained using Equations 8.6 and 8.7. The point at which the ash 
layer begins to form, i.e. period between the first and second stage was determined in terms 
of the solid conversion, X as 
    =  
3
(ϕ
v
)
2
(ϕ
v
coth ϕ
v
   1) 8.15 
The solid conversion and time profile under chemical reaction control (Chapter 6 - 
Equation 6.27) was  
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t
t*
⁄  = 1   (1    )1 2⁄  8.16 
The time for complete conversion, t* [s], was obtained from the inverse value of k, rate 
constant [s
-1
] in Table 6.4, which was used to fit the model to the experimental results. 
Depending on the conversion obtained from Equation 8.15, the value will indicate when 
the surface of the particle is fully converted and the point where diffusion through the ash 
product layer begins.  
8.2.1.2 Non-Isothermal conditions 
Due to the exothermic reactions particularly during the oxidation reaction, thermal 
gradients may be present within and around the particle. This effect could be detrimental to 
the oxygen carriers as it could lead to loss of reactivity due to increased rate of sintering. 
For this reason, it was necessary to investigate the temperature gradients within and around 
the oxygen carriers. Temperature gradients across three boundaries, the bulk gas, particle 
surface, and particle interior were determined in terms of directly observable quantities, 
such as the Weisz modulus, the effective Sherwood and Nusselt numbers. The Weisz 
modulus and the global effectiveness factor were defined as 
ΦG  ηGϕv
2
 8.17 
1
η
G
  
1
η
  
ϕ
v
2
 Sh
 
 8.18 
The overall (external + internal) temperature difference, ΔTmax, was calculated by using the 
expression [101] 
Ts,max    T0
T0
  β
G
[1  ΦG (
1
 Nu
   
1
 Sh
 
)] 
8.19 
where  
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8.20 
βG is also referred to as the Prater Number, and is usually used to determine the maximum 
temperature difference between the inside and boundary of a particle [157, 158]. The 
Nusselt number, NNu, for a sphere was computed using the relationship given in literature 
[119]  
 Nu  2  0.6 Re
0.5 Pr
1
3⁄  8.21 
The Prandtl Number, NPr, was calculated using  
 Pr  
ν
α
  
cp,gμg
λg
 
8.22 
The thermal diffusivity, α [m2.s], a function of the gas thermal conductivity, λg [W (m K)
-
1
], density, ρg, and specific heat capacity, cp,g [J (mol K)
-1
], was computed using  
α  
λg
 
g
cp,g
 
8.23 
The internal temperature difference, ΔTinternal, was calculated using  
Ts,max    Ts
T0
  β
G
(1   ΦG
1
NSh
 
)   β
G
(1    ) 
8.24 
where Ca is a new dimensionless parameter defined as 
   
ΦG
 Sh
 
 
 
The external temperature difference, ΔTexternal, was calculated using 
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8.25 
In addition to the maximum temperature difference, the temperature profile through the 
particle was modelled using the general (enthalpy) balance equation described in literature 
[125, 159]. 
λeff (
 
2
T
 r
2
  2r
 T
 r
)  ∆Hrxn(  rA) =  scp,s
 T
 t
 
8.26 
λeff [W (m K)
-1
] is the effective thermal conductivity for heat transfer through the particle 
(analogous to DeA in Equation 8.1), ΔHrxn [J mol
-1
] is the enthalpy of reaction, and cp,s [J 
(mol K)
-1
] is the molar heat capacity for the particle. The initial and boundary conditions 
for the solution are similar to the condition used for the material balance.  
At t = 0, T = T0 
And at r = R,  
λeff (
 T
 r
)
r = R
 =  (Ts    To) 
8.27 
And at r = 0,  
(
 T
 r
)
r = 0
 = 0 
8.28 
The boundary condition at the surface signifies that the rate of heat transfer by conduction 
at the surface was equal to the rate of heat transfer by conduction or convection across the 
thermal boundary layer exterior to the particle, expressed in terms of the film coefficient, h 
[W (m
2
 K)
-1
]. The boundary condition at r = 0 implied that there was no heat transfer 
through the centre of the particle. The film coefficient in Equation 8.25 was obtained from 
the Nusselt number, defined as [119] 
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  dparticle
λg
 
8.29 
Equation 8.26 was solved using the Partial Differential Equation Toolbox in MatLab to 
generate a visual representation of the temperature profile across the particle.  
8.2.2 Results and Discussion 
The results for the gas concentration profiles in the first and second stages for the reduction 
and oxidation reactions are presented in the following figures. All the profiles obtained in 
this section are for particles having 80 wt.% active CuO loading, and at conditions where 
external mass transfer was minimal (i.e. NSh > 2 ).  
Concentration profile in the first stage, yi 
The effect of the modulus, ϕv, through the variation of the particle size, dparticle, on the 
concentration profile of CO for NSh > 2 is shown in Figure 8.6 for the first stage. For ϕv 
larger than 10 indicated that the rate of reaction was much faster than gas diffusion through 
the solid, and consequently, the reaction takes place before the gas can diffuse into the 
interior of the particle. Figure 8.7 shows the gas concentration profile for the reduction and 
oxidation steps as a function of reaction temperature. The values used for the computation 
were obtained from the results of the particle characterisation (e.g. BET, and density 
analysis) and kinetic parameters (EA and Ao) discussed in the previous sections (Chapter 5 
and Chapter 6). The reduction reaction, relative to the reaction rate and particle 
morphology, was dominated by slow reaction/fast diffusion at low temperatures and fast 
reaction/slow diffusion at high temperature. The oxidation reaction was dominated by fast 
reaction/slow diffusion within the temperature range investigated.  
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Figure 8.4 Influence of ϕv or dparticle on concentration profile of CO in oxygen carriers (T = 250 
o
C) 
in the first stage 
 
Figure 8.5 Influence of temperature on concentration profile for CO and O2 (dparticle = 252 μm) in 
the first stage 
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The influence of the initial porosity on the gas concentration profile was also investigated 
and shown in Figure 8.6. An increase in the particle’s porosity, as expected promotes 
diffusion into the particle at the expense of slow reaction.   
 
Figure 8.6 Influence of initial particle porosity, εs, on concentration profile for CO in a particle (εs = 
0.1, 0.185, 0.25, 0.3, 0.4; T = 300 
o
C; dparticle = 427 μm) 
Concentration profile in the second stage, ym 
The variation of the boundary concentration, CAm (ym), was shown in Figure 8.7 as a 
function of ϕv when NSh > 2 and DeA ≠ D
’
eA. As the values of ϕv increases, the boundary 
concentration, CAm, decreases. This corresponds to conditions of fast chemical reaction and 
slow diffusion through the solid. Figure 8.8 showed the boundary concentrations, CAm, for 
the reduction and oxidation conditions. During the reduction step, CO reacts with CuO on 
the surface and gets converted to Cu, the Cu layer then moves (or grows) progressively 
into the bulk of the particle. In the process of conversion, the porosities and pore diameters 
(particle morphology) are affected (either increased or decreased depending on the 
reactant/product molar densities), and the effect on particle morphology affects the gas 
diffusivity, particularly in the second stage. So, if the porosity decreases, say from CuO  
Cu, the increasing Cu-product layer hinders the reactant gas diffusing into the particle. 
This effect will be the reverse case in the re-oxidation reaction step, i.e. from Cu  CuO. 
The effect of morphological change (porosity) on the reactant boundary concentration, 
CAm, as a result of the difference in molar densities was taken into account, as shown in 
Figure 8.8.  
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Figure 8.7 Influence of ϕv or dparticle on CAm, the concentration of CO at the boundary between the 
completely reacted and unreacted zones (T = 250 
o
C) in the second stage 
 
Figure 8.8 Influence of temperature on CAm, the concentration of CO and O2 at the boundary 
between the completely reacted and unreacted zones (dparticle = 252 μm) in the second stage 
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Conversions at the end of the first stage 
Figures 8.9 and 8.10 show the conversions at different positions on the X-t profile under 
chemical reaction control. Increasing dparticle at constant temperature reduces the time 
between the first and second stages. Reduced times signify that as soon as the gas and solid 
are in contact, the product layer is formed almost instantly without the gas fully diffusing 
into the particle. This product layer would inhibit a gas from diffusing into the bulk 
material, thereby reducing the reaction rates and possibly the total conversion of the 
reactant solid. The same effect is also observed when dparticle remains constant whilst the 
reaction temperature is increased. As the temperature increases, the reaction rate becomes 
strongly influenced by the fast formation of the ash product layer and slow diffusion of the 
reactant gas into the bulk of the particle. 
 
Figure 8.9 Fractional conversion of the solid reactant as a function of dimensionless time. ( ── 
Solid line - conversion profile, ○ × ∆ □ data points - conversions of the solid at the end of stage 1 
for different particle sizes at 500 
o
C) 
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Figure 8.10 Fractional conversion of the solid reactant as a function of dimensionless time. ( ── 
Solid line - conversion profile, ○ × ∆ □ data points - conversions of the solid at the end of stage 1 at 
different reaction temperatures [
o
C] with dp = 90 - 150 μm) 
In relation to the solid conversion profiles obtained from the kinetic analysis, at 600 
o
C and 
particle size between 90 – 150 μm, t* was found to be ~ 39.3 s. The conversion at the end 
of the first stage was ~ 0.23 (from Equation 8.15) and the time at that stage was ~ 5 s (t/t* 
~ 0.127 from Figure 8.10). Figure 8.11 shows the conversion and reaction rate profiles, as 
well as the period at which diffusional resistances becomes significant due to the formation 
of the ash product layer (Cu). 
 
Figure 8.11 Determination of conversion at the end of the first stage from experimental results (T = 
600 
o
C, dp = 90 – 150 μm, t* = 39.3 s, k = 0.0254 s
-1
) 
205 
 
The overall significance of this was to show that more than 50 % of the reactions involving 
the prepared oxygen carriers will be influenced by strong diffusional resistances within the 
bulk sample.  
8.2.2.1 Non-isothermal Conditions 
The results in this section were calculated directly from the correlations from the previous 
section. Examples of some parameters and values obtained are given in Table 8.1.  
Table 8.1 Some parameters and calculated values used to determine the maximum temperature 
gradient, ΔTmax [K] 
Parameters Value Parameters Values 
T [K] 973 ϕv [-] 47 
dparticle [μm] 427 η [-] 0.06 
NRe [-] 0.70 ηG [-] 0.05 
NPr [-] 0.74 ΦG [-] 111 
NSh [-] 2.52 βG [-] 1.15 × 10
-4
 
N
’
Sh (kg × dp)/DeA 770 ΔTmax [K] 5.16 
α [m2 s] 1.6 × 10-4 ΔTexternal [K] 5.07 
NNu [-] 2.45 ΔTinternal [K] 0.09 
h [W (m
2
 K)
-1
] 370   
Figure 8.12 shows the typical results obtained under non-isothermal conditions for the 
oxidation and reduction reactions using different particle sizes. The temperature difference, 
ΔTmax, obtained for the oxidation reaction was substantially higher than ΔTmax for the 
reduction reaction. ΔTmax > 10 K can have an effect on the surface morphology of the 
particle due the exponential effect of temperature on rates of reactions. Figure 8.13 showed 
the effect of the reaction temperature on the maximum temperature difference for dparticle = 
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427 μm. ΔTmax for the reduction reaction increased linearly as the reaction temperature 
increased, whilst ΔTmax for the oxidation reaction attained a maximum at 400 
o
C and 
remained fairly constant up to 700 
o
C.  
 
Figure 8.12 Effect of particle size, dparticle, on the calculated maximum temperature rise, ΔTmax [K], 
(εs = 0.185, T = 700 
o
C) 
 
Figure 8.13 Effect of reaction temperature on the maximum temperature rise, ΔTmax [εs = 0.185, 
dparticle = 427 μm) 
Based on the results, the maximum temperature difference between the particle and bulk 
gas for dparticle < 500 μm was low, and it implied that intra-particle temperature gradients 
are least likely to affect the particles. Increasing particle size will increase the significance 
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of temperature gradient across a particle. An example of a typical temperature profile is 
shown in Figure 8.14. 
 
Figure 8.14 Calculated internal and external temperature profile (dparticle = 427 μm; εs = 0.185, T = 
700 
o
C) 
The solution to Equation 8.26 is given in Figure 8.15 using different estimates for the 
effective thermal conductivity. 
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Figure 8.15 Visual representation of the temperature profile across a cross-section of a spherical 
particle, (Conditions at T = 700 
o
C, and dparticle = 500 μm. (A) λeff = 0.4 W (m K)
-1
, (B) λeff = 1 W (m 
K)
-1
, (C) λeff = 1.7 W (m K)
-1
) 
A 
B 
C 
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Figure 8.15 shows the solution for the energy balance (Equation 8.26) using different 
values of λeff [W (m K)
-1
]. Clearly, a high value of λeff indicated that the rate of conduction 
of heat (heat = Q, generated from the reaction rate and enthalpy) into the particle was 
significantly fast, and resulted in a low temperature gradient across the particle. A low 
value of λeff signified the opposite. Based on the value of λeff (~ 1.7 - see Appendix F) 
obtained, Figure 8.15 (C) is thought to most closely represent the temperature inside the 
oxygen carrier for the reduction reaction at the conditions used. 
8.3 Reactor Model 
8.3.1 Theory and Methodology 
8.3.1.1 One-parameter model for non-ideal flow 
The flow through any reactor system usually falls between the extremes of complete 
mixing (Backmix Flow – BMF) and no axial mixing (Plug Flow – PF). It is usually 
difficult to achieve either extremes of the complete mixing and plug flow due to various 
fundamental problems. Some of the main problems include the formation of dead zones 
arising from stagnation near the inlet or outlet connections, channelling or by-pass arising 
from uneven distribution of gas across the bed, friction losses at the walls, and the relative 
effect of diffusion and convective transport within the reactor system. All these problems 
cause the flow to deviate from ideal conditions thereby resulting in significant axial mixing 
or dispersion. There are two models which have been used to characterise the non-ideal 
flow behaviour of different reactor systems, Tank-in-Series (TIS), and Dispersed Plug 
Flow (DPF) models. The single-parameter obtained from these models indicates the degree 
of mixing in a particular system.  
In order to determine how the exact flow of our particular system deviated from ideal 
condition, a statistical approach by the residence-time distribution (RTD) method was 
used. The RTD of a chemical reactor system is a probability distribution function that 
describes the amount of time a fluid element had spent inside a reactor. The two main RTD 
functions used were the cumulative residence-time distribution, F(t) or F(θ), and the exit-
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age distribution function, E(t) or E(θ). The term age of a fluid element is defined as the 
time that the fluid element has resided within the reactor. The cumulative residence-time 
distribution function, F(t), is defined as the fraction of exit stream that is of age ≤ t (i.e. of 
age 0 to t). It is also the probability that a fluid element that entered at t = 0 has left at or by 
time t. The exit-age distribution function, E(t), is a measure of the distribution of the ages 
of fluid elements leaving the vessel [101, 125, 136].  
The residence-time distribution for non-ideal flow in the overall reactor system was 
determined experimentally by a stimulus-response technique. A step change (increase) in 
tracer concentration was the technique used to obtain the RTD function and this step 
increase is related to F(t). The experimental set-up used for the analysis is given in Chapter 
4. In order to generate good concentration profiles, the system was first purged using N2, 
and allowed to stabilise (0% CO2 concentration for ~ 10 minutes) before a step-change in 
CO2 concentration from cA,in = 0 vol.% to cA, out = 15 vol.% was injected using the mass 
flow controllers (MFCs). When the exit gas concentration, as measured using the gas 
analyser had stabilised on the final concentration, the MFC was shut-off. All measurements 
recorded using the gas analyser were further analysed and used to obtain the different RTD 
functions. The concentration-time plot was converted to the cumulative RTD plot, F(t) 
(also known as the normalized response, C(t)) using the general equation 
F(t)  
 (t)     1
 2     1
 
8.30 
The initial and final concentrations are denoted as c1 and c2, whilst the measured 
concentration is denoted as c(t). The exit-age distribution was obtained from the F(t) curve 
using the backward differencing technique 
E(t)  
dF(t)
dt
  
Fi    Fi  1
ti    ti  1
 
8.31 
Once the exit-age distribution function, E(t), was determined, the mean residence time, t,̅ 
and the variance of the distribution, σt
2, were readily calculated using the following 
equations. 
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t ̅  ∫ tE(t)dt
 
0
  ∑ tiEi(t)∆ti
i
 
8.32 
σt
2  [∫ t2E(t)dt
 
0
]    t ̅
2
  [∑ ti
2Ei(t)∆ti
i
]    t ̅
2
 
8.33 
The dimensionless time, θ, variance, σθ
2, and exit-age distribution, E(θ), were defined as 
θ  t
t ̅⁄ ;  σθ
2  
σt
2
t ̅
2⁄ ;   E(θ)  t ̅E(t) 
8.34 
Tank-In-Series (TIS) model 
The single parameter model, N, (1 - complete mixing and   - plug flow) for the tank-in-
series model was obtained from the dimensionless variance using the expression  
   
1
σθ
2
 
8.35 
To validate the TIS model, the concentration-time profile predicted using the model was 
compared with the experimental data using the equations below.  
F(t)  1   exp α [1  α  
α2
2 
  
α3
3 
    
α   1
(    1) 
] 
8.36 
where  
α  
  t
t ̅
 
8.37 
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From the values of F(t) obtained, the outlet concentration, cout(t), was calculated using 
Equation 8.30. The Exit-age distribution was computed from the value of N (for non-
integral values of N) obtained from Equation 8.35 using the relationship [125] 
E(θ)  
  θ   1e   θ
 ( )
 
8.38 
Dispersed Plug flow (DPF) Model 
The single parameter model, PeL or NPe, (0 - complete mixing and   - plug flow) for the 
dispersed plug flow was obtained from the dimensionless exit-age distribution plot, E(θ), at 
θ = 1.  
 Pe  4 [E(θ  1)]
2 8.39 
8.3.1.2 One-dimensional model with Axial Mixing  
A simple one-dimensional model, which incorporated the effect of mixing in the axial 
direction, was used to assess how the gas concentration in the reactor evolved with time. 
Considering the simple system shown in Figure 8.16 below, and assuming X grams of CuO 
are present. At x = 0, CO is injected and at x = L, and t ≥ tresidence time, the gas concentration 
profile is expected to change significantly due to various factors. The main factors 
considered in this section are the changes in velocity profile, effect of molecular and 
turbulent diffusion (NRe), and effect of intra-particle gradients (through the use of the 
effectiveness factor, η).  
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x = 0
x = L
dx 
A
x
Qtotal
υg
CA
CA + dCA 
Qtotal
υg  
Figure 8.16 Control volume for axial dispersion model 
For a non-steady state condition, the continuity equation for the gas phase can be written as  
 CA
 t
   b L
 
2
CA
 x
2
   υg
 CA
 x
   (  rA) 
8.40 
where the vessel dispersion number, DL, is defined as [77] 
 L  AB  
υg
2dreactor
2
192  AB
 
8.41 
Using the Danckwerts B.C boundary conditions:  
At x = 0 
υg(CA0    CA)    b L
dCA
dx
 
8.42 
And at x = L 
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 CA
 x
  0 
8.43 
8.3.1.3 Model approach 
Assuming constant gas density, ρg, and velocity, υg, Equation 8.40 can be put in non-
dimensional form as 
 y
 τ
  
1
 Pe
 
2
y
 z
2
   
 y
 z
      
z = 
 
L
; y = 
CA
CA0
; and τ = 
t
t ̅
; and  Pe   
υgL
 b L
 
8.44 
  is the reaction rate term, defined as 
  = 
rAt ̅
CA0
 
8.45 
Using the finite differentiation (spatial discretization of i-space and k-time nodes) approach 
by approximation of the derivatives using symmetric difference quotients, Equation 8.44 
was solved numerically [160-162].  
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Figure 8.17 Spatial discretization of i and k nodes grids 
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8.46 
Using MS Excel with iterative calculation enabled, the values for  
i
k + 1 were computed and 
the results are given in the following section.  
8.3.2 Results and Discussion 
8.3.2.1 One-Parameter model for nonideal flow 
The step input and outlet concentration profiles are shown in Figure 8.18. The outlet 
concentration was adjusted for plug flow to visually observe the extent of dispersion, in 
comparison to the step input concentration profile. 
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Figure 8.18 Step input and outlet concentration profiles (v[CO2] – 15 vol.%, Qtotal – 70 cm
3
 s
-1
, 
MFC - Mass flow controller, GA - gas analyser, PF - Plug flow) 
The table generated, and used to determine the RTD functions from the analysis of the 
concentration profile is given in Appendix G. A summary of the main parameters/values 
used and obtained are given in Table 8.2 below.  
Table 8.2 Summary of the main parameters and values used to characterise non-ideal flow in the 
fixed-bed reactor 
Parameters Values Parameters Values 
Qtotal [cm
3
.s
-1
] 70 σt
2 30.11 
Vol Fraction [%] 15 σθ
2 0.244 
t ̅[s] 11.1 N (TIS) 4.09 
  NPe (DPF) 9.7 
The outlet gas concentration of the tracer (in the case CO2) at the exit of the reactor was 
modelled using the value of N (= 4) given in Table 8.2, together with Equation 8.36 to 
obtain the F(θ), and Equation 8.30 to obtain cout(t). The experimental data points were 
plotted against the values obtained using the TIS model as shown in Figure 8.19.  
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Figure 8.19 Graphical comparison between the concentration obtained from experimental results 
and Tank-In-Series (TIS) model 
Figure 8.19 shows that the values of cout(t) predicted using the TIS (for N = 4) model fitted 
very well with the experimental results. The value of N given in Table 8.2, was again, used 
to determine the exit-age distribution profile using Equation 8.38. The values were plotted 
and shown in Figure 8.20.  
 
Figure 8.20 Exit-age, E(θ), and cumulative residence time distribution, F(θ), curves for N = 4 
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Figure 8.21 Exit-age distribution curves for different values of N (N = 3 – 10 vol.% CO2, 70 cm
3
 s
-
1
, MFC through reactor to GA; N = 4 – 15 vol.% CO2, 70 cm
3
 s
-1
, MFC through reactor to GA; N = 
10 – 15 vol.% CO2, 55 cm
3
 s
-1
, MFC to GA) 
The behaviour of E(θ) as a function of N and θ is shown in Figure 8.21. As N decreases, 
the spread of the distribution increases, thereby decreasing the height of the peaks. The 
E(θ) profile for the gas in the system corresponded to dispersion and stagnation (long tail), 
with stagnation most certainly occurring due to dead spaces in the traps which were used to 
collect condensed water during CH4 combustion (overall reactor set-up discussed in 
Chapter 4). Without the reactor system (i.e. gas flow from Mass Flow Controller – MFC, 
to Gas Analyser – GA), the gas flow was characterised predominantly by dispersion (N = 
10).  
8.3.2.2 One-dimensional model with axial mixing 
A simple reaction system between CuO(s) and CO(g) was considered and the effect of axial 
mixing in the gas phase was the parameter modelled. The parameters used in the model are 
summarised in Table 8.3, and some of the parameters, such as the reactor length and 
diameter, were direct values used in the design stage of the lab-scale, fixed-bed reactor.  
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Table 8.3 Simulation parameters 
Main reaction    
CuO(s) + CO(g)  CO2(g) + Cu(s)   
Parameters Values Parameters Value 
T [
o
C] 700 Qtotal [cm
3
 s
-1
] 75 
P [bar] 1 Lbed [m] 0.1 
Lreactor [m] 0.41 n 1 
Dreactor [m] 0.024 EA [kJ mol
-1
] 28 
εbed [-] 0.36 Ao [s
-1
] 3.0 × 10
6
 
dparticle [μm] 500 η  0.001 
CuO fraction [%] 80   
In the following simulation study, the relative influence of axial mixing (with or without 
intra-particle gradients - effectiveness factor, η), and gas velocity (flow rate, Qtotal) was 
varied along the axial direction, z.  
 
Figure 8.22 Axial concentration profile for CO at various times in the reactor (η = 0.001) 
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Figure 8.23 Axial concentration profiles for CO at different positions in the reactor (η = 0.001) 
 
Figure 8.24 Influence of intra-particle gradient on the gas concentration profile for CO (τ = 1.25, n 
= η - Effectiveness factor) 
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Figure 8.25 Influence of gas flowrate, Qtotal, [5, 10, 75, 100, 150 cm
3
 s
-1
] on the gas concentration 
profile for CO (τ = 1.0, η = 0.001, v[gas] = 5 vol.%,) 
Figures 8.22 and 8.23 shows how the gas concentration profile evolved as a function of 
time and axial position. Because the intraparticle gradient (η = 0.001) and residence time (t ̅
= ~ 2.4 s) are low, this means a very small amount of the gas can react with the solid, 
whilst the outlet concentration is nearly unaffected. If the intraparticle gradient were high, 
say η = 0.02, and the residence time remained constant, the consequence would be that 
more of the gas will react with the solid. This is reflected in the gas concentration profile 
shown in Figure 8.24 as the value of η was varied. The influence of gas flow rate as shown 
in Figure 8.25 appeared to show two effects. Firstly, using a low flow rate meant the 
residence time increased, which resulted in an increased reaction time, and meant more of 
the reactant gas is/was consumed. It could also be that mixing was enhanced at the earlier 
stages because the gas had more time to move through the reactor. Secondly, using a very 
high flowrate (> 75 cm
3
 s
-1
 or NRe > 94) had no effect on the gas dispersion as the 
concentration profiles remained similar.  
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Figure 8.26 Influence of dispersion number, NPe, on the gas concentration profile for CO (τ = 1, η = 
0.001) 
Variation of the reactor dispersion number (Peclet Number, Pe or NPe) led to the 
concentration profile shown in Figure 8.26. Based on the simulation parameters, Figure 
8.26 represents the extremes of complete mixing (Pe = 14) and plug flow (Pe > 1400) in 
the reactor. 
8.4 Conclusions 
The particle model showed that the gas concentration inside the particle was a strong 
function of the reaction temperature during the reduction reaction step. At high reaction 
temperatures, ~ 700 
o
C, the rate of reaction was much faster than the rate of diffusion into 
the particle. This same effect was also observed for the oxidation reaction even at a low 
temperature of 250 
o
C. Change in particle morphology also influenced the rate of gas 
diffusion into the particle. Under nonisothermal conditions, the maximum temperature 
difference, due to the heat generated from the exothermic reaction, was low particularly for 
dp < 500μm. Under the conditions investigated, dparticle < 1100 μm and T ≤ 700 
o
C, the 
effect of temperature variations in the particles was small. The RTD functions indicated a 
high degree of mixing due to dispersion in the reactor, and the flow was characterised well 
using the Tank-In-Series (N = 4) model. The one-dimensional model with axial mixing 
showed how the gas concentration in the reactor evolved with time.   
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Chapter 9 Conclusions and recommendations 
9.1 Conclusions 
Chemical looping combustion offers an efficient and clean combustion (either partial or 
complete oxidation) process, with an inherent feature of separating CO2 from the main 
exhaust gas stream. The underlying principle of the process involves the transfer of oxygen 
from air to the fuel by means of a solid intermediate (in the form of metal oxides – MeO). 
The fuel reacts with the metal oxide and is converted to CO2 and H2O, (steam), and steam 
can be easily condensed leaving a stream of only CO2. The metal oxide (in the process of 
conversion) gets reduced to a lower oxidation state and is regenerated with air. The main 
challenge of the chemical looping combustion process is finding a suitable metal oxide 
with the ability to withstand multiple redox cycles.  
The focus of this work in this dissertation was to develop metal oxide (oxygen carriers) 
suitable for the combustion of gaseous fuels, understand the reduction and oxidation 
kinetics, and assess the performance of the oxygen carriers over repeated reduction and 
oxidation cycles under fixed-bed operation. The literature surveyed has shown that 
chemical looping combustion has mainly been studied in fluidised-beds, and one problem 
associated with this set-up is gas-solid separation at the exit of the reactor. The application 
of the fixed-bed reactor set-up used in this work has been to eliminate this problem as well 
as to avoid particle breakage due to attrition. Copper oxide (supported on Alumina, Al2O3) 
was the metal oxide proposed for our process, because of its excellent re-oxidation ability, 
relatively cheap cost, and availability.  
Thermodynamic analysis of the combustion of methane with CuO was performed in 
Chapter 3. A thermodynamic databank Software (FactSage
TM
) was used to perform the 
analysis at different process conditions. Variation in the product distribution was a strong 
function of the amount of oxygen present. Formation of carbon appeared highly favourable 
in conditions where oxygen is limited. Addition of steam suppressed carbon formation at 
conditions where oxygen:fuel were in stoichiometric proportions. At conditions where 
oxygen in CuO was in excess, decomposition of CuO to Cu2O was favourable at 
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temperatures > 750 
o
C. The influence of trace sulphur-containing species like H2S was 
investigated. Under highly reducing conditions, Cu2S was the most stable species formed. 
The phase diagram for Cu-Al-O-S showed that only at exceptionally high partial pressures 
of both O2 and SO2, CuSO4 and Al2(SO4)3 could be formed and the likelihood under 
normal process conditions is very low. The influence of system pressure was also 
investigated. Increase in pressure shifted the equilibrium products to the region of higher 
reaction temperature.  
Chapter 4 presented the three different experimental apparatuses used in this work. A lab-
scale fixed-bed reactor was designed and built for the study of the kinetics, and 
performance of the oxygen carriers after multiple reduction and oxidation cycles. This 
apparatus was designed for an operating temperature of up to 900 
o
C (Tmax = 950 
o
C) and 
working pressure of 1 bar (designed up to Pmax = 30 bar). The Thermo-gravimetric 
Analyser (TGA) was used to investigate the reduction and oxidation kinetics, in addition to 
some extended cycle analysis and decomposition analysis. An oxide synthesis set-up was 
used to prepare a novel oxygen carrier by measuring the pH and controlling the amount of 
precipitating reagent.  
The development and preparation of CuO supported on Al2O3 by co-precipitation was 
presented in Chapter 5. Two precipitating reagents, Na2CO3 and NH4OH, were used in the 
preparation, and both influenced the properties of the final particles. The oxygen carriers 
prepared were both influenced by the precipitation pH, but the most significant effect 
occurred with the NH4OH precipitating reagent. Different characterisation techniques (e.g. 
XRD, TEM, SEM, TPR etc.) were used to analyse the final particles. XRD patterns 
identified the presence of CuAl2O4 and CuO but Al2O3 was not detected due to the 
amorphous form. The presence of sodium was detected in the form of Na2Al2O4 with the 
particle having a lower CuO loading (40 and 60 wt.%). TPR analysis showed the 
reducibility of all the copper species identified from the XRD analysis.  
Chapter 6 investigated the reduction and oxidation kinetics of CuO/Cu with CO, CH4 and 
O2. The reaction order for the reduction of CuO by CO and CH4 was ~ 2 and ~ 1.5 
respectively. The reaction order for the oxidation reaction was ~ 0.7, and these values were 
for particles with sizes, dparticle, < 355 μm. The activation energies obtained were, in the 
order from high to low, CH4 > CO > O2. The solid-state reduction mechanism exhibited a 
phase-boundary rate controlling mechanism (synonymous to the shrinking unreacted core), 
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whilst the gas-solid reduction mechanism was typified by the Eley-Rideal mechanism, with 
the surface reaction between reactant gas and adsorbed [O] as the rate-limiting step. The 
solid-state oxidation reaction exhibited the nucleation and nuclei growth rate mechanism, 
whilst the gas-solid reaction was characterised by the Langmuir-Hinshelwood mechanism, 
with adsorption of O2 as the rate limiting step. Oxidation of co-precipitated oxygen carriers 
was found to be favourable at temperatures ≥ 600 oC. 
The performance of the oxygen carriers (developed in Chapter 5) after 20 redox cycles, 
using CO and CH4 as reducing gases, was investigated in the Chapter 7. The oxygen 
carriers prepared using Na2CO3 exhibited excellent reactivity and complete conversion of 
the solid at temperature ≤ 700 oC, and showed no sign of sintering after 20 cycles. The 
carriers prepared using NH4OH sintered after 20 cycles, but the reactivity and conversion 
were not greatly affected. Sintering was enhanced on these particles because CuO clusters 
were formed on the surface of the bulk particle, and this close proximity facilitated the 
merging of smaller clusters. This effect was revealed by the SEM images obtained from 
the analysis after 20 cycles.  
Chapter 8 presented the particle and reactor models used to describe the gas concentration 
profiles in a single particle, and in the reactor. The particle model for the reduction reaction 
showed that at low temperatures, gas diffusion was faster than the rate of reaction, and at 
high temperatures, the rate of reaction was much faster than gas diffusion into the particle. 
The rate of oxidation was much faster than gas diffusion into the particle even at low 
temperatures (250 
o
C). Under nonisothermal conditions, the maximum temperature 
generated from the exothermic reactions for dp < 500 μm was not high enough to cause any 
effect on the oxygen carriers. RTD analysis showed a high degree of gas mixing due to 
dispersion in the reactor. The flow characteristics in the reactor system were modelled by 
the Tank-In-Series model as 4 CSTR’s connected in series, or by the  ispersed plug flow 
with a Peclet number of ~ 9.7. 
Overall, the combustion of gaseous fuels using oxygen carriers prepared by the co-
precipitation method has been shown to be a potentially feasible process. Oxygen carriers 
which had 80 wt.% CuO performed very well, as the solid conversions were maintained at 
close to unity over 20 redox cycles. One important fact with these oxygen carriers was that 
the carrying capacities for 80% was significantly high, and this can provide an added 
advantage because more fuel can be converted in a highly packed bed. The oxidation of 
226 
 
CH4 was slower than that of CO at temperatures ≤ 700 
o
C. Higher temperatures will be 
advantageous for the combustion of CH4, but will be limited by the loss of oxygen due to 
the decomposition of CuO – Cu2O, and the low melting temperature of CuO.  
9.2 Recommendations for future work 
Overall, this current research has provided a good platform towards understanding the 
chemical looping combustion processes, and it has also given an insight into some of the 
critical areas of development. The current research could also be extended in a number of 
ways, and includes (i) further studies on the oxygen carrier development/preparation and 
characterization, (ii) increased redox cycles (> 20 cycles), (iii) integration of H2O for 
reforming operations, (iv) experimental analysis to determine the influence of trace-sulphur 
containing species on the oxygen carriers and carbon formation.  
In this study, particles prepared using NH4OH and CO2(s) showed promising signs of 
becoming suitable oxygen carriers. One way this set of oxygen carriers can be improved 
upon will be to change the precipitation solution by using (NH4)2CO3, as the main 
decomposition products will consist of CO2, H2O and N2. The influences of pH have to be 
taken into account as well. One other aspect that can be improved upon could be to 
develop a better filtration step. Another area that can be developed further could be to 
prepare particles with uniform sizes and shapes. Using processes such as extrusion, 
pelletization, and spheronization can aid the development of uniform particles. 
Advanced techniques such as using XRD analysis to quantify the ratio of CuO and 
CuAl2O4 can also be used to characterize the fresh and reacted oxygen carriers. Surface 
analysis such as H2 Chemisorption can also be used to characterize the total active surface 
area of the particles.  
In this current work, the reduction and oxidation cycles were limited to 20 for the co-
precipitated particles, and the bed masses used were < 0.2 g. Increasing the cycle periods, 
say up to 50, will give an indication of the long term integrity of the oxygen carriers. Due 
to the bed masses being very small, the particles obtained after the redox cycles limited the 
amount, and type of characterization required to quantify the used particles. One other area 
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that can be improved will be to observe the influence of bed mass (> 1 g), in a fixed-bed, 
on the performance of the oxygen carriers. In addition, characterization of the bulk sample 
after multiple cycles should also be performed.  
Another area that can be investigated could be the inclusion of steam to the CLC process 
aimed at the production of H2 whilst separating CO2 (CLR operation). In addition, 
utilization of the heat generated from the oxidation reaction under laboratory-scale 
conditions can also be investigated. This would create an excellent platform towards large-
scale developments for power generation.  
The influence of trace-sulphur containing species like H2S should be investigated to 
confirm the formation of Cu2S under highly reducing conditions. In oxidizing conditions, 
the influence of Cu2S with air can also be investigated to study possible formations of SO2 
and CuSO4.  
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Appendix A 
Additional material for the fixed-bed reactor 
 
Figure A-A1 Original reactor set-up without insulation and electrode assembly 
  
Figure A-A2 Reactor set-up with insulation and fittings 
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Figure A-A3 Reactor set-up with gas cooling coil and transformer connections 
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Appendix B 
Determination of Cu
2+
/Al
3+
 mass ratios 
Mass Basis (80 – 20) 
MW of Cu
2+
 solution = 241.60 g mol
-1
 (Cu(NO3)2.3H2O) 
MW of Al
3+
 solution = 375.13 g mol
-1
 (Al(NO3)3.9H2O) 
Using 50 mL of Cu
2+
 solution (Concentration of 1.5 mol L
-1
 [1.5 M]) 
Moles present is 0.075 moles (1.5 mol L
-1
 × 0.05 L) 
The mass of Cu
2+
 will be 18.12 g (0.075 moles × 241.60 g mol
-1
) 
The equivalent mass of Al
3+
equal to 20 % is 4.53 g 
Considering the mass decomposition of Al(OH)3 to Al2O3 (2 moles Al(OH)3 to 1 mole 
Al2O3), the moles required will be  
(4.53 g ×2)/375.13 g.mol-1 = 0.0241 moles 
Therefore the volume of Al
3+
 required will be (0.0241 moles/1 mol L
-1
) 
0.0241 L = 24.1 mL 
For 80 wt.% CuO supported on 20 wt.% Al2O3 will require the use of 50 mL of Cu
2+
 
solution and 24.1 mL of Al
3+
 solution 
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Appendix C 
Determination of molecular diffusivity, DAB 
The molecular diffusivity was determined using the Chapman-Enskog equation for a non-
polar gas pair. The parameters used for the estimation is given in Table A-B1. 
Table A-C1 Parameters used for the determination of molecular diffusivity 
Gases RMM Tc [K] Pc [atm] σ [Å] ϵ/κ [ ] 
CO 28 132.36 34.478 3.59 110 
CH4 16 190.56 45.39 3.936 146.73 
O2 32 154.4 49.7 3.433 113 
N2 28 126.2 33.5 3.667 99.8 
 
 AB = 0.0018583√T
3 (
1
MA
 + 
1
MB
) 
1
PσAB
2  AB
 
A-C1 
where  
σAB = 
1
2
(σA + σB) 
A-C2 
MA and MB are the relative molecular mass for gases A and B. In order to determine the 
Lennard- ones Potential,  AB, ϵAB was first determined by using  
ϵAB = √ϵAϵB A-C3 
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The dimensionless temperature,      ⁄ , was used to determine the values of  AB, and the 
values can be found literature [121, 122]. 
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Appendix D 
Determination of kinetic parameters 
MS Excel Spreadsheet showing the computation of the intrinsic parameters (ks, kv, η) by 
least square minimization is given in Table A-D1. 
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Table A-D1 Determination of kinetic parameters, intrinsic/volumetric rate constant, ks & kv, Thiele Modulus, ϕ, and Effectiveness factor, η 
LL 
[μm] 150 
  
dp [m] 
 
Sm [m
2
 g
-
1
] 
mv [g 
m
-3
] 
 
n 
   
Cu80Na 
UL 
[μm] 355 
  
0.000231 
 
7.83E-03 3.3E06 
 
2 
     
 
               
 
T 
[
o
C] 
1/T 
[K] 
CA ln ko ko kg η × ks η ks kv ln kv DeA ϕ ηnew ko, new LS 
300 1.74 2.10 -8.7481 0.000159 0.77 0.000163 0.82 0.000198 658.3 6.49 1.97E-07 1.88 0.82 0.000159 8.9E-30 
400 1.49 1.79 -8.2952 0.000249 0.97 0.000258 0.72 0.000359 1193.3 7.08 2.14E-07 2.63 0.72 0.000249 1.1E-26 
500 1.29 1.56 -7.8546 0.000388 1.19 0.000405 0.59 0.000692 2298.0 7.74 2.30E-07 3.77 0.59 0.000388 2.0E-24 
600 1.15 1.38 -7.4249 0.000596 1.41 0.00063 0.44 0.001428 4742.7 8.46 2.45E-07 5.58 0.44 0.000596 6.5E-24 
700 1.03 1.24 -7.1713 0.000768 1.66 0.000817 0.36 0.002290 7606.2 8.93 2.60E-07 7.25 0.36 0.000768 7.4E-23 
 
 
 
 
 
 
Obtained from the 
intercept - Equation 
6.13 and Figure 6.12 
Obtained using the 
Sherwood correlation 
in Equation 6.9 
Initial guess η = 1 to 
obtain ks using 
Equation 6.14 
 
Intrinsic volumetric rate constant, 
kv, was calculated as 
kv = mv × ks 
 
Diffusivities (DAB, DK, DP 
and DeA) were calculated 
using Equations 6.19, 6.18, 
6.17, and A-C1 
 
ϕ and η were calculated 
from Equations 6.16 and 
6.15 
ko, new was recalculated with ηnew. The SOLVER in MS 
Excel was used to determine the actual η by minimizing 
the difference between (ko – ko, new)
2
 < 10
-20
. 
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Appendix E 
RMSD for kinetic models 
Table A-E1 Values of the root mean square deviation (RMSD × 10
-3
) obtained  
Models CO CH4 O2 
LH1 0.114 0.047 0.068 
LH2 0.239 0.170 0.262 
FD 0.037 0.018 0.142 
ER1 0.029 0.014 0.830 
ER2 0.037 0.017 0.715 
TK 0.046 0.026 3.504 
LH1 – Langmuir-Hinshelwood with Molecular chemisorption (MC) 
LH2 – Langmuir-Hinshelwood with Dissociative chemisorption (DC) 
FD – Freundlich Isotherm 
ER1 – Eley Rideal with Molecular chemisorption  
ER2 – Eley Rideal with Dissociative chemisorption  
TK – Temkin Isotherm 
 
 
 
 
247 
 
Rate constants obtained from kinetic models 
 
Table A-E2 Rate constants obtained from the solid-state models 
T [
o
C] k [s
-1
]  T [
o
C] 600 
300 0.03445  CA [vol.%] k [s
-1
] 
400 0.03867  3.47 0.0050 
500 0.03868  5 0.0155 
600 0.04313  7 0.0254 
700 0.05787  10 0.0432 
 
 
Table A-E3 Kinetic model fitting parameters obtained from the gas/solid models (Cu80Na, dp = 90 
– 150 μm) 
T [
o
C] α4 [m
3
 (g s)
-1
] β4 [-]  CA [vol.%] θ @ 700 
o
C 
300 0.000378 0.422  3.47 0.34 
400 0.000630 0.669  5 0.43 
500 0.001016 0.900  7 0.51 
600 0.001129 0.641  8.5 0.56 
700 0.001856 1.198  10 0.60 
θ – Surface coverage obtained from Equation 6.42.  
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Figure A-E1 Comparison of experimental data with Eley-Rideal gas-solid model for Cu80Na 
samples with dp = 90 – 150 μm. (■ – experimental, □ – kinetic model, ER1) 
 
 
Figure A-E2 Plot of kinetic model parameters. α4 = 0.0146 exp − [(17.5 k  mol
-1
)/RT] and β4 = 
3.397 exp − [(9.6 k  mol-1)/RT]. 
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Appendix F 
  t  m n t  n         t    t   m l   n u t   t , λeff 
The effective thermal conductivity of a particle (oxygen carrier) was calculated as a 
function of the gas and solid thermal conductivities, and was calculated as a function of the 
porosity by interpolation of the following values [159, 163]   
λeff = λs when εs = 0 A-F1 
λeff
λg
 = 
 
2 (
λg
λs
   1)
   
 
2
   sin 1 (
λg
λs
   1)
(
λg
λs
   1)√2
λg
λs
   (
λg
λs
)
2
  
When εs = 0.214 
A-F2 
λeff
λg
 = 
 
2 (
λg
λs
   1)
2
[(
λg
λs
   1)   ln(
λg
λs
)]  + 1   
 
4
 
when εs = 0.475 
A-F3 
λeff = λg when εs = 1 A-F4 
 
250 
 
 
Figure A-F1 Determination of effective thermal conductivity as a function of particle porosity 
The solid (CuO + Al2O3) and gas thermal conductivities were obtained from literature 
[120, 159]. Using a particle porosity of 0.185, the corresponding effective thermal 
conductivity was approximated to a value of 1.7 W (m K)
-1
. 
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Appendix G 
Residence Time Distribution (RTD) Analysis 
MS Excel Spreadsheet showing the computations of the RTD functions is given in Table 
A-G1.  
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Table A-G1 Residence time distribution analysis  
t [s] 
Cexp. [mol 
m
-3
] 
F(t) E(t) [s
-1
] ΔF(t) Δt [tE(t)]av.Δt [t
2
E(t)]av.Δt θ [-] α (=Nt/t) F(θ) 
CModel 
[mol m
-3
] 
E(θ) 
0 0.003875 0 
     
0 0 0 0 0 
1 0.003875 0 0 0 1 0 0 0.09006 0.36865 0.00057 0.003687 0.02153 
2 0.085119 0.01265 0.01265 0.01265 1 0.009488 0.014232 0.18012 0.73731 0.00687 0.044176 0.12715 
3 0.401298 0.06188 0.04923 0.04923 1 0.077356 0.193391 0.27018 1.10597 0.02618 0.168161 0.30827 
⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ 
9 2.638906 0.41031 0.10831 0.10831 1 0.685695 5.828404 0.81055 3.31792 0.42361 2.72046 1.00979 
10 3.332085 0.51825 0.10793 0.10793 1 1.02722 9.758591 0.90061 3.68658 0.50304 3.230521 0.96754 
11 3.687191 0.57355 0.05529 0.05529 1 0.856982 8.998314 0.99067 4.05524 0.57724 3.707057 0.89868 
12 4.302537 0.66937 0.09581 0.09581 1 0.86891 9.992462 1.08073 4.42390 0.64470 4.140251 0.81357 
13 4.565209 0.71027 0.04090 0.04090 1 0.854508 10.68135 1.1708 4.79256 0.70464 4.525165 0.72081 
14 4.978675 0.77465 0.06438 0.06438 1 0.710676 9.594132 1.26086 5.16122 0.75688 4.860646 0.62701 
⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ ⁞ 
34 6.418531 0.99886 0.00075 0.00075 1 0.019027 0.637412 3.06209 12.5343 0.99848 6.412232 0.00612 
35 6.423394 0.99962 0.00075 0.00075 1 0.026127 0.901379 3.15215 12.9030 0.99886 6.414671 0.00463 
36 6.425826 1 0.00037 0.00037 1 0.020163 0.715792 3.24221 13.2717 0.99915 6.416509 0.00349 
37 6.425826 1 0 0 1 0.00691 0.252229 3.33227 13.6403 0.99936 6.417891 0.00263 
  
∑ 1 1 37 11.10352 153.4069 
     
      
σt
2 σθ
2 N N 
   
      
30.11871 0.244295 4.09340 4.09340 
   
        
E(θ=1) NPe    
        
0.88 9.73139 
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Appendix H  
Supplementary TGA analysis with CO 
The TGA analysis for the reaction of CO after 20 redox cycles is presented in the 
following figures  
 
Figure A-H1 Repeated redox cycles for Cu40Na oxygen carriers (150 – 355 μm) reduced with CO 
in a TGA 
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Figure A-H2 Repeated redox cycles for Cu60Na oxygen carriers (150 – 355 μm) reduced with CO 
in a TGA 
 
Figure A-H3 Repeated redox cycles for Cu80NH oxygen carriers (150 – 355 μm) reduced with CO 
in a TGA 
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Appendix I 
Energy-dispersive X-ray Spectroscopy (EDX/EDS) 
Table A-I1 Results from EDX analysis (Fresh samples) 
Elements Cu80Na Cu80NH 
 
  
C 8.940 - 
O 23.37 14.52 
Al 7.770 1.050 
Ni 0.010 0.080 
Cu 59.43 84.20 
Ta 0.130 0.090 
Pt 0.360 - 
Ca - 0.100 
Fe - 0.100 
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Comparison between fresh and fully reduced Cu80Na oxygen carriers 
 
Figure A-I1 BJH distribution of pore diameters in the freshly prepared (CuO/Al2O3) and reduced 
sample (Cu/Al2O3) 
 
Table A-I2 Comparison between fresh and fully reduced oxygen carriers 
Cu80Na ρs [g cm
-3
] SBET [m
2
 g
-1
] Vpore [cm
3
 g
-1
] dpore [nm] εs [-] 
Fresh (CuO) 5.8134 12.506 0.03185 10.187 0.185 
Reduced (Cu) 6.2314 11.099 0.022608 8.147 0.141 
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Appendix J 
Influence of temperature on solid conversion 
 
Figure A-J1 TGA analysis used to determine the influence of temperature on the solid conversion. 
(Dashed line represents the theoretical amount present in Cu80Na particle) 
The solid conversion was a strong function of the reaction temperature. Temperature 
greater than 700 
o
C was adequate to fully reduce the sample past the nominal value, mt.  
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Influence of CH4 concentration on the solid conversion  
 
Figure A-J2 Effect of CH4 concentrations on the reduction reaction for Cu80Na oxygen carrier (T = 
700 
o
C, dp = 90 – 150 μm) (top) solid conversion (bottom) reaction rates 
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Influence of reaction temperature on solid conversion  
 
Figure A-J3 Influence of reaction temperature on the reduction reaction for Cu80Na oxygen carrier 
(10 vol.% CH4, dp = 90 – 150 μm) (top) solid conversion (bottom) reaction rates 
 
260 
 
 
Figure A-J4 Influence of reaction temperature on the reduction reaction for Cu80Na oxygen carrier 
(reduced with 10 vol.% CO) 
 
 
 
 
 
 
 
 
 
 
 
 
